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Abstract 
The overall objective of the work described in this Dissertation was to develop and 
verify a general reaction and diffusion model for non-catalytic reactions between gases 
and porous solids, particularly those relevant to the clean use of fossil fuels. Here, the 
internal pore structure of the solid was characterised by observing the kinetics in a 
regime limited only by intrinsic chemical reaction. It was hypothesised that a simple 
arbitrary function, f(X), determined from experimental measurements of rate vs. 
conversion in a kinetically-controlled regime, could be used in place of formal, 
mathematical pore models, to describe the evolution of pore structure during a reaction 
influenced by intraparticle mass transfer. The approach was used to study (i) the 
gasification of chars by CO2, where the only product was gaseous, (ii) the calcination of 
CaCO3 cycled between calcined and carbonated states, where the products were a gas 
and a solid, and (iii) the sulphation of virgin and sintered CaO by SO2, the only product 
being solid. 
The full model was able to account for chemical kinetics, intraparticle heat and mass 
transfer, external mass transfer and the evolution of pore structure in a particle of a 
reacting solid. The Cylindrical Pore Interpolation Model was used to describe 
intraparticle mass transfer and the Stefan-Maxwell equations were employed to model 
external mass transfer. The full form of the energy balance equation was used, including 
an allowance, albeit small, for change in momentum of the gas as gaseous species were 
abstracted from, or emitted to, the gases diffusing through the porous structure during 
the reaction. The whole system was solved using the method of Orthogonal Collocation 
on Finite Elements with adaptable numerical meshes for the spatial dimension and 
marched forward in time dimension using the method of Finite Difference. 
To verify the model, batch experiments involving the three types of reaction identified 
above were conducted in a fluidised bed reactor. The rates of reaction and conversion as 
functions of time were measured experimentally and compared with the theoretical 
predictions. The results from gasification showed that the experimentally-determined 
f(X) function was capable of describing the evolution of pore structures during the 
reaction of different sizes of particles, for experiments at the same temperature. 
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However, there were some disparities between theory and experiment when the f(X), 
which should be invariant with temperature, was applied to results obtained at higher 
temperatures. The most probable reason for this was the different contributions from 
multiple types of active sites within the char particles.  
Studies of calcination showed that, at least for limestones subjected to a history of 
cycling between the calcined and carbonated states, a correctly-determined f(X) could be 
applied to different sizes of particles at temperatures different to that at which f(X) was 
determined. Somewhat surprisingly, it was found that the f(X) determined from one, 
cycled, limestone was successful in predicting the conversion of other cycled limestones 
of different geological origin. It was concluded that the process of cycling between the 
calcined and carbonated states at the same process condition had significantly reduced 
the differences apparent in the pore structures of the different limestones when first 
calcined from the virgin materials. The experimentally-observed effects of pressure, 
concentration of CO2 and temperature described in the literature were explained 
successfully by the mathematical model.  
Finally, the study of sulphation explained satisfactorily (i) the reason for there being a 
maximum in the ultimate conversion of CaO to CaSO4 at a specific temperature, and (ii) 
the processes controlling the overall uptake of SO2 by sintered CaO, such as might be 
produced from a calcium-looping cycle for capturing CO2 from flue gases. For both the 
virgin and the cycled calcines, the ultimate conversion to CaSO4 seemed to be limited 
by the pore volume below 300 nm diameter. Two mechanisms were identified to 
explain why CaO cannot be fully sulphated to CaSO4. 
In summary, this work has demonstrated the applicability of the general reaction and 
diffusion model to gasification, calcination and sulphation reactions, and verified the 
f(X) approach for describing pore evolution during reaction. 
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Chapter 1 Introduction 
1.1 Background 
1.1.1 World energy demand and supply 
The projected total world consumption of energy is likely to expand from 1.6 × 
108 GWh in 2012 to 1.8 × 108 GWh in 2020 and reaching 2.4 × 108 GWh in 2040 (EIA, 
2016). This constitutes an average increase of 1.4%/y and a total increase of 48% 
between 2012 and 2040. Much of the increase in energy demand is occurring, and will 
occur, in developing countries such as China and India, where strong economic growth 
and expanding populations will lead to a ~71% increase in world energy use between 
2012 and 2040. In the more mature, and slower-growing, economies such as the U.S. 
and the U.K., the total energy use over the same period might rise by ~ 18% (EIA, 
2016). Figure 1.1 shows the world’s consumption of energy from various sources to 
2040, at which time, fossil fuels will still account for ~78% of energy use, even though 
the consumption of non-fossil fuels is expected to grow faster than the consumption of 
fossil fuels. 
 
Figure 1.1 World consumption of energy by energy source between 1990 and 2040 (EIA, 2016). 
Figure 1.1 shows that coal will probably remain the second-largest energy 
source worldwide behind petroleum and other liquid fuels until 2030. Moreover, coal is 
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the world’s most abundant fossil fuel with estimated reserves sufficient for 150 – 170 
years at the current rate of consumption (BGR, 2011). Many countries with electricity 
challenges, particularly those in Asia and southern Africa, can access coal resources in 
an affordable and secure way to ensure the growth in their electricity supply. Coal will 
therefore play a major role in supporting the development of base-load electricity where 
it is most needed. Figure 1.2 shows the world’s net electricity generation by fuel 
sources, showing that coal will continue as the largest single fuel used for electricity 
generation until generation from renewable sources overtakes coal-fired generation by 
about 2040. 
 
Figure 1.2 Projected world net generation of electricity by energy source from 2012 and 2040 
(EIA, 2016). 
Therefore, the implementation of modern, highly-efficient and clean 
technologies for the utilisation of coal is the key to the development of economies if the 
effects of burning coal on society and environment are to be minimised (WEC, 2013). 
Depending on the end-use and the environmental constraints, coal might be utilized in 
four major ways – gasification, combustion, liquefaction and pyrolysis. In each case, the 
process efficiency depends considerably on the heterogeneous kinetics controlling (a) 
coal char gasification with steam, carbon dioxide and hydrogen and, or, (b) char 
combustion with oxygen or air. In many cases, the rate of gasification of solid chars 
controls the reactor volume required in most conversion processes producing power or 
synthesis gas (Laurendeau, 1978). Therefore, having a theoretical model to simulate 
0.00
5.00
10.00
15.00
20.00
25.00
30.00
35.00
40.00
2012 2020 2025 2030 2035 2040
W
o
rl
f n
et
 
ge
n
er
a
tio
n
 
o
f e
le
ct
ri
ci
ty
 
/ ×
10
6
G
W
h 
Year
Petroleum Nuclear Natural gas Coal Renewables
Chapter 1. Introduction 
 
- 23 - 
reactions such as gasification can contribute to better design of the reaction system and 
higher process efficiency. 
1.1.2 Carbon dioxide emissions 
Figure 1.3 shows the projected global emissions of CO2 emissions associated 
with energy use. It can be seen that coal became the leading source of CO2 emissions in 
2006 and remains so up to at least 2040 (EIA, 2016; IPCC, 2005). Thus, the use of low-
emission coal technologies is important if international targets on climate change are to 
be achieved. The two principal avenues for reducing carbon emissions from coal-fired 
power generation are (i) the use of high efficiency power plant such as Integrated 
Gasification Combined Cycles (IGCC), and (ii) the use of carbon capture and storage 
(CCS). CCS is a process consisting of the separation of CO2, usually from industrial and 
energy-related sources, transport to a storage location and long-term isolation from the 
atmosphere. Such disposal is only feasible if the CO2 is almost pure, largely free of 
nitrogen and other gases (IPCC, 2005). There are three main approaches to capturing 
the CO2 generated from a primary fossil fuel (i.e. coal, natural gas or oil), biomass, or 
mixtures of these fuels (IPCC, 2005): (i) post-combustion capture, where CO2 is 
separated from the flue gases produced by the combustion of the fuel in air, (ii) pre-
combustion capture, where CO2 is separated from a mixture of the CO2 and H2 
produced from the gasification of the fuels and the subsequent water-gas shift reaction 
between CO and H2O, and (iii) oxy-fuel combustion, where pure stream of CO2 is 
obtained by removing the steam from the flue gases produced by the combustion of the 
fuels in pure oxygen. One of the most promising type of technologies for CO2 capture is 
separation with liquid absorbent or solid sorbent that is capable of capturing CO2 
(IPCC, 2005). For separation with solid sorbents, the used sorbent is usually regenerated 
by releasing the captured CO2 after being heated or after any other change in the 
conditions around the sorbent. Then the regenerated sorbent is sent back to capture more 
CO2 in a cyclic process. In some situations, the solid sorbent may be a solid oxide 
which reacts in a vessel with fossil fuel or biomass producing heat and mainly CO2. The 
spent sorbent is then circulated to a second vessel where it is re-oxidized in air for reuse 
with some loss and make up of fresh sorbent. 
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Figure 1.3 Global CO2 emissions from all energy-related operations by fuel type projected to 
2040 (EIA 2016). 
Natural limestone, containing mostly CaCO3 in its virgin form or CaO in its 
calcined form, has the potential as a solid sorbent for post-combustion CO2 capture 
(IPCC, 2005). Limestone is abundant, inexpensive and safe, which makes it potentially 
suitable for large-scale capture of CO2 (Arias et al., 2013; Boot-Handford et al., 2014; 
Hanak et al., 2015; Erans et al., 2016). The carbonation – calcination cycling process 
involves Ca-based sorbents being cycled between their carbonated (CaCO3) and 
calcined (CaO) states at relatively high temperature (e.g. carbonation at T > 600ºC and 
calcination at T > 900ºC), giving the potential to reduce efficiency penalties arisen from 
the loss of heat compared to absorption methods involving wetted sorbents (e.g. wet-
carbonation of the natural silicate olivine) (IPCC, 2005). One of the challenges is that 
natural sorbents (e.g. limestones and dolomites) deactivate rapidly during repeated 
cycling between the calcined and carbonated state and a large make-up flow of sorbent 
(of the order of the mass flow of fuel entering the plant) is required to maintain the 
activity in the carbonation – calcination cycle (Abanades et al., 2004b). Although the 
cost of the natural sorbent is low, and the deactivated sorbent might find applications in 
the cement industry and in processes to remove SO2 from flue gases (Li et al., 2014; 
Cordero et al., 2014), it would still be highly beneficial to improve the capacity of the 
sorbents to capture CO2. A range of experimental approaches are being pursued to 
increase the capacity of Ca-based sorbents (Wu et al., 2010; Manovic & Anthony, 2010; 
Basinas et al., 2014; Kavosh et al., 2015; Erans et al., 2016; González et al., 2016). 
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However, these approaches often lack a theoretical framework, so that rigorously-
constructed reaction models can help identify the key variables to consider for 
enhancing CO2 capturing capacity. 
1.1.3 Sulphur dioxide emissions 
Another aspect of environmental concern with fossil fuels, particularly coal, is 
the emission of SO2 during combustion (UNEP, 2012). SO2 emissions have detrimental 
effects on human health, by contributing to PM2.5 (i.e. atmospheric-borne particles < 2.5 
μm dia.), on terrestrial and freshwater ecosystems by acidification (Rodhe et al., 1995), 
on man-made materials and cultural heritage by corrosion (Kucera et al., 2007), and on 
biodiversity (Bobbink et al., 1998) and forestry (Menz & Seip, 2004). Global efforts are 
being made to reduce the SO2 emissions. For example, as part of its five-year plans, 
China implemented flue-gas desulphurization and the phasing out of small, inefficient 
units in the power sector in a move to achieve the national goal of a 10% reduction in 
SO2 emissions between 2005 and 2010 (Zhang, 2010).  
When cycled Ca-based sorbents have lost a significant amount of their capacity 
to take up CO2, they can be injected into fluidised bed coal combustors to capture SO2 
(Manovic et al., 2009; Li et al., 2014; Cordero et al., 2014). The absorption of SO2 in a 
fluidised bed typically involves the gas-solid reaction between a calcium-based sorbent 
containing CaO or Ca(OH)2 with the SO2 and oxygen in the post-combustion flue gases 
(Anthony & Granatstein, 2001). The product CaSO4 is stable and does not decompose 
readily at the temperatures used in fluidised bed combustion (Córdoba, 2015; Cordero 
& Alonso, 2015). However, one of the challenges of this desulphurisation process is, as 
with carbonation, the low absorption capacity of the sorbents. Extensive studies have 
been carried out to investigate how the properties of the sorbent (Pacciani et al., 2009; 
Arias et al., 2012; de las Obras-Loscertales et al., 2015) and the operating conditions 
(Wu et al., 2006; Stewart et al., 2010; de Diego et al., 2013; Basinas et al., 2014) affect 
the sorption capacity. Such studies involve understanding the mechanism of reaction 
and diffusion between CaO and SO2 as well as how the change of particle structure 
during reaction affects the reaction process and intraparticle mass transfer, where a 
rigorously constructed reaction and diffusion model can be valuable. 
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1.2 Modelling non-catalytic gas-solid reactions 
1.2.1 The modelling scale 
To design a reactor with defined capabilities, theoretical models are usually 
constructed using information from a variety of areas: thermodynamics, chemical 
kinetics, fluid mechanics, heat transfer, mass transfer, and process economics. This is a 
very demanding task with complex interactions between different factors. It is important 
to model in sufficient detail the rate-controlling processes affecting the design, which 
means a model focusing on the rate controlling processes at a single particle scale can 
be more deterministic in explaining the effect of some key parameters and their limits of 
control. The result of such a model can then help to decide what factors can be safely 
ignored in the large-scale reactor model. In this Dissertation, the theoretical models are 
focused on a single particle scale. 
1.2.2 The reaction models 
This Dissertation is focused on non-catalytic, heterogeneous reactions between a 
gas and solid. Broadly-speaking, two classes of model exist to describe such reactions, 
namely the Shrinking Core Model (SCM) and the Continuous Reaction Model (CRM). 
The SCM is one of the earliest models used for non-catalytic heterogenous reactions 
between gas and solid (Ramachandran & Doraiswamy, 1982), for example, the 
combustion of solid carbon and the calcination of non-porous, virgin particles of 
limestone (generally close to pure CaCO3). In SCM, as shown in Figure 1.4, the 
reaction takes place at the outside surface of the particle at first, but as the reaction 
proceeds, the sharp reaction front will move towards the particle centre leaving behind a 
layer of inert ashes. During the process, an unreacted core is formed which shrinks with 
time, but the external radius of the particle remains the same, assuming no deformation 
of the ash layer that has been formed. For the gaseous reactants to reach the surface of 
the unreacted core or the gaseous product to leave the particle, it must move through 
various layers of resistances in series. Hence, the rate of reaction might be limited 
variously by (i) chemical kinetics, (ii) diffusion through the porous product layer, (iii) 
transport of heat to or from a reaction interface, or (iv) diffusion through the external 
gas film. A typical SCM prediction for the relationships between the conversion of the 
solid with time for a non-shrinking particle with a first order reaction occurring is 
shown in Figure 1.5, where the above-mentioned case (i), (ii) and (iv) are plotted. 
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Figure 1.4 The physical representation and the concentration profiles of the reactants and 
products in a SCM for a non-shrinking particle (Levenspiel, 1999). 
 
Figure 1.5 The shrinking core models for a non-shrinking particle with first order reaction. The 
parameter  is the time for complete reaction. 
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Normally, the SCM is a reasonable representation of a reacting gas-solid system. 
However, there are two broad classes of exceptions where the assumptions of the SCM 
do not match reality precisely (Levenspiel, 1999): (1) slow reaction of a gas with a very 
porous solid, where reaction occurs throughout the solid, and (2) the solid is converted 
by the action of heat without needing contact with gas. In these cases, the CRM is a 
better description of the reaction process where the reaction, and, or, the transfer of heat, 
occur in a broad front across the entire particle. Reactions such as the gasification of 
chars, the calcination of cycled, as opposed to virgin, limestone and the sulphation of 
calcined limestones possess the characteristics of the CRM, where the gaseous reactants 
can penetrate into the initially-porous particles and react with the solid throughout the 
entire particle. Generally, the rate of reaction can be limited by: (i) chemical kinetics, 
(ii) diffusion through the porous particle, (iii) transport of heat across the particle, or 
(iv) diffusion through the external gas film. Figure 1.6 shows the difference in the local 
conversion profiles of the SCM and the CRM at fixed average conversions of the solid. 
Depending on the intraparticle heat and mass transfer resistance relative to the reaction 
rate, the conversion profile of the CRM could either be steep when resistance is high or 
flat when resistance is low. 
 
Figure 1.6. Local conversion profiles of shrinking core model (SCM) and continuous reaction 
model (CRM) for fixed average conversion of particle. 
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There is a third class of reaction models sitting between the SCM and the CRM 
– the Grain Model (GM). The GM assumes the solid particle to consist of many smaller 
non-porous grains and the porosity of the particle is made up from the space between 
the grains. In GM, the reaction takes place across the entire particle like the CRM, but 
on the grain-scale the reaction occurs on a sharp reaction according to the SCM. Just 
like the SCM, the product layer will form during reaction in the outer regions of each 
grain which will in turn result in some resistance to diffusion. Szekely & Evans (1970) 
first developed the classic grain model for gas-solid reactions, where the uniformly 
sized the spherical grains sit at an equal distance apart from each other within the solid 
particle. During the reaction, the gaseous reactant diffused into the particle through the 
interstices and reacted with the solid grains which was assumed to have unchanging 
size. Since GM represents a significant advance compared to SCM and its description of 
the structure corresponds effectively to that of numerous porous solids, the grain model 
has been extensively employed and has proved quite successful (Patisson et al., 1998). 
However, the simplifying assumptions that GM makes (e.g. uniform grain size, no 
variation in grains or porosity during reaction) cannot be overlooked and led various 
extensions to the original model. The variation of the grains and porosity was first 
introduced by the development of the Changing Grain Size Model (CGSM) to 
incorporate the decreasing porosity during reaction between sulphur dioxide and 
limestone, where the product solid CaSO4 took up more volume than the reacting solid 
CaO (Hartman & Coughlin, 1976). Later, Dam-Johansen et al. (1991) developed a 
Micro-Grain Model for the sulphation of limestone, where the particle was made up 
from porous grains composed of non-porous micro-grains. The Grain Size Distribution 
Model (GSDM) was developed by Heesink et al. (1993) to include a distribution of 
grain sizes.  
Figure 1.7 summarised the different types of reaction models discussed above, 
which also includes the classification based on how the models describe the structural 
change to the particle during reaction. One of the key difference between the GM and 
the CRM is that GM assumed the particle structure composed of grains with interstices 
between them, while CRM commonly considers the particle consisting of continuous 
solid phase with porous space. While the GM describe the structural change of the 
particle during reaction via the changes to the solid grains, the CRM describes the 
structural change via the geometrical variation of the pores due to the reaction. When 
dealing with a large variation in porosity, with either formation and growth of pores, as 
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in the case of char gasification, or closure and obstruction of pores, as during the 
sulphation of lime, researchers have tended to prefer CRM such as RPM (Patisson et al., 
1998). 
 
Figure 1.7 Classification of models for non-catalytic gas-solid reactions. Abbreviation: CGSM: 
Changing Size Grain Model; GSDM: Grain Size Distribution Model; RPM: Random Pore 
Model; SPTM: Statistical Pore Tree Model. 
 
1.2.3 The evolution of pore structure 
During a typical non-catalytic reaction between a gas and solid particles, the 
structure of the particle’s interior changes with conversion of the solid as a result of the 
solid along the pore surfaces being converted into gaseous or solid products. In turn, 
this affects the rate of reaction by changing the available contact area within the particle 
and altering the diffusion rate of gases as pores sizes change. Many researchers have 
sought to model the development of the internal particle structure with conversion 
during gas-solid reactions, which can be grouped into the two classes of models shown 
in Figure 1.7 – GM (Grain) and CRM (Porous). In GM, the structural changes of the 
particle during reaction is considered by modelling the variation of the internal solid 
matrix. For example, Szekely & Evans (1970) made the first attempt to incorporate the 
structural parameters such as grain size, porosity and pore size into their grain model. 
Structural 
Model
Reaction 
Model 
Class
Reaction 
Type
Non-Catalytic 
Gas-Solid 
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SCM
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They assumed that the pore structure was unaffected by the progress of reaction, 
although later variants (Hartman & Coughlin, 1976) were able to account for change in 
grain size with reaction. The GM has considerable flexibility when it uses a grain size 
distribution which could potentially be related to the pore size distribution 
measurements. However, according to the model, the interfacial area between reactant 
solid and product solid decreases with conversion, so that the total reaction rate 
decreases monotonically with conversion. In certain reactions, e.g. the gasification of 
carbonaceous solids, often the surface area and reaction rate first increase, reaching a 
maximum, and then decrease as conversion approaches 100%. For this reason, 
Sotirchos (1987) developed the Overlapping Grain Model (OGM), where each grain 
was assumed to have a hard core and a soft permeable shell. The hard core did not 
overlap with the cores of neighbouring grains, and the soft permeable shell could 
overlap with the shells of other grains. By adjusting the ratio of core radius and grain 
radius, the development of surface area during conversion could be simulated. More 
recently, Liu et al. (2012) developed a version of the OGM using a fitted size 
distribution of grains and had accounted for the evolution of the particle structure during 
the carbonation reaction. 
On the other hand, CRM models the structural change to the particle by 
considering the evolution of the internal pore structure as reaction proceeds, which 
enables the CRM to describe a variety of rate vs. conversion patterns. For example, by 
considering pore growth and coalescence, the CRM can provide conversion curves with 
a maximum. The main difficulty in treating the evolution of gas-solid and solid-solid 
interfaces is the overlap between interfaces belonging to neighbouring elements. It so 
happens that the overlap between pore elements of arbitrary shape can be described 
exactly when the location of the pore is completely random, i.e. obeying the Poisson 
distribution (Sahimi et al., 1990). The exact relationship for the overlap volume was 
first derived by Avrami (1940) in his work of nucleation processes in solids. Bhatia & 
Perlmutter (1980) further extended the theory to develop the RPM, which modelled the 
total surface area at any conversion as a function of the initial morphological 
parameters. The RPM was subsequently applied to char gasification (Bhatia & 
Perlmutter, 1981b), the sulphation reaction (Bhatia & Perlmutter, 1981a) and the 
carbonation reaction (Bhatia & Perlmutter, 1983). Using different approaches based on 
cylindrical pore assumptions, Gavalas (1980) independently arrived at the same RPM 
and applied it to char combustion, which also provided the expressions for the 
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frequency of intersections between capillaries and addressed issues concerning the 
validity of the use of effective diffusion coefficient. One of the key parameter used in 
the RPM is the arbitrary dimensionless structural parameter indicating the initial pore 
structure, which is calculated from pore length and porosity per unit volume of the 
particle solid. The RPM can only simulate the reaction rate peak commonly observed 
for char gasification, provided the structural parameter is above certain value.  
In a somewhat different approach, Simons & Finson (1979) developed a mass 
transport model using statistical methods to specify the pore structure as a continuously 
branching tree – Statistical Pore Tree Model (SPTM). According to this model, the pore 
space consisted of finite cylindrical elements connected in tree-like structures beginning 
on the particle surface and progressing towards the interior with branches of ever 
decreasing diameter. The main rational behind the tree-like structure was to describe the 
limited connectivity within the porous medium. However, the quantification of the 
effects of connectivity was obscured by a number of simplifications and empirical 
relationships relating to the evolution of the pore geometry (Sahimi et al., 1990). For 
example, in their model the small pore trees were found to be kinetically limited while 
the larger pore trees were diffusion limited. This is the opposite of what one would 
normally expect, since diffusion should be less limited in large pores. The existing 
mathematical pore models such as the random pore model, statistical pore tree model 
and grain model contain parameters that are difficult to measure and thus become fitting 
parameters, which are complicated and equally arbitrary, e.g. the diffusivity of SO2 
through a layer of CaSO4. In many cases, the use of complicated mathematical pore 
models leads to the need to modify the original models in order to fit experimental 
measurements. 
It would be ideal if the evolution of the pore structure could be determined 
experimentally for the specific reaction, so that it could be applied locally within a 
particle to describe how the reaction rate varies with the pore evolution. Together with a 
rigorous description of the intraparticle heat and mass transfer across the entire particle, 
the theoretical model might able to help find the causes for some of the unexplained 
experimental observations. 
A feature of most models of non-catalytic reactions between gases and solids 
generally is that the intrinsic rate of reaction, r, at a local point within a solid particle is 
of the form r = g(Ci, T, P) × f(X). Here, g describes the intrinsic reaction kinetics as a 
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function of the temperature, T, the total pressure, P, and the concentration, Ci, of the 
reaction gases. The term f(X) is a direct function of the conversion of the particle and is 
correlated with the internal morphology of the particle, e.g. surface area, pore size, pore 
size distribution etc. at a particular conversion. In addition, f(X) is not a function of Ci, 
T, or P. An experimentally-determined f(X) function from common measurements, such 
as reaction rate and conversion, offers a straightforward method to describe the change 
of internal morphology at a local point within the particle being reacted under 
conditions affected by intraparticle mass transfer. This is exemplified by recent studies 
of char gasification in a fluidised bed (Saucedo et al., 2014), where it was found that a 
simple, arbitrary function, f(X), could be determined from the plot of measurements of 
rate vs. conversion of the solid char in the kinetically-controlled regime. It was proposed 
that the ratio between the rate of reaction at any conversion and the initial rate of 
reaction reflects, generally, the variation of the rate of reaction due to pore structure 
changes as the reaction proceeds in the absence of intraparticle mass transfer limitation 
(e.g. at low temperature or using small particles or with particles of low reactivity) 
(Saucedo, 2014; Saucedo et al., 2014), thus giving !"#$ = "#$ "# = 0$⁄ .  
However, complex reactions are hard to simulate realistically and might not be 
useful when modelling the detailed reaction and diffusion process. For example, 
reactions involving multiple solid phases and many by-products could be challenging to 
predict the pore evolution and particle changes. Whereas, gas-solid reactions with 
relatively simple reaction kinetics are useful for getting a clear understanding of the 
reaction and diffusion processes. Therefore, in this Dissertation, some of the simple but 
industrially significant reactions including gasification of solid carbon by CO2, 
calcination of CaCO3 and sulphation of CaO, are considered for developing and 
verifying the theory of using an experimentally determined f(X) function for the pore 
evolution. 
1.3 Objectives and structure of this dissertation 
The work in this Dissertation is a contribution towards the theoretical 
understanding of the reaction and diffusion phenomena during some of the industry’s 
most important non-catalytic gas-solid reactions: gasification, calcination and 
sulphation. The overall objective of the research presented in this Dissertation was to 
develop and verify a general reaction and diffusion model for the non-catalytic gas-solid 
reactions using gasification, calcination and sulphation reactions as examples, where the 
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chemical kinetics, intraparticle heat and mass transfer processes and the evolution of 
pore structures are all considered in sufficient details. By developing such a model, new 
understandings of the reactions between gas and solid particles could be discovered. 
The specific objectives are: 
1. To construct the mathematical frameworks of the general model for non-
catalytic gas-solid reactions. 
2. To develop and verify the theory that involves using an experimentally 
determined f(X) function to describe the evolution of pore structure during 
reaction between gas and solid particle, using gasification of char as the model 
reaction. 
3. To apply the model and the pore evolution theory to other non-catalytic gas-
solid reactions involving different classes of pore evolution during reaction, 
using calcination of limestones and sulphation of calcined limestones as the 
model reactions. 
The structure of this Dissertation is as follows. Chapter 1 presents a review of 
the background including the overall motivation of this Dissertation, an overview of 
modelling gas-solid reactions and the key objectives to achieve. Chapter 2 describes the 
principal experimental methodologies employed in this work, the arrangement and the 
specification of the experimental apparatus, and a description of the materials used. 
Chapter 3 illustrates the step-by-step derivation of the general reaction and diffusion 
model for gas-solid reactions and the numerical methods employed for solving the 
system. Chapter 4 develops and verifies the theory of using an experimentally 
determined f(X) function for describing the evolution of pore structure during the 
gasification of chars by CO2. Chapter 5 investigates the application of the general model 
and the pore evolution theory to the calcination of limestone particles subjected to a 
number of calcination and carbonation cycles. Chapter 6 further explores the application 
of the general reaction and diffusion model and the pore evolution theory to the 
sulphation of calcined limestone particles subjected to a number of calcination and 
carbonation cycles. Finally, conclusions from the current work are presented in 
Chapters 7. 
Parts of the work presented in this Dissertation have been published, as listed 
below: 
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• Dai, P., Dennis, J. S., & Scott, S. A. (2016a). Using an experimentally-
determined model of the evolution of pore structure for the gasification of chars 
by CO2. Fuel, 171, 29–43. 
• Dai, P., González, B., & Dennis, J. S. (2016b). Using an experimentally-
determined model of the evolution of pore structure for the calcination of cycled 
limestones. Chemical Engineering Journal, 304, 175–185. 
 
  
Modelling Non-Catalytic Gas-Solid Reactions 
 
- 36 - 
 
Chapter 2 Experimental methods 
The general experimental techniques used in this thesis are described in this Chapter. 
The details of certain experiments and materials, which are specific to a study, are given 
in relevant chapters. Section 2.1 covers methods used for characterising the solid 
particles involved in the gas-solid reactions. Section 2.2 describes the apparatus for 
determining the rate of reaction and conversion. Finally, section 2.3 lists all the 
materials used in the experiments and their methods of preparation. 
2.1 Characterisation of particles 
2.1.1 Nitrogen adsorption analysis 
The surface areas and pore size distributions of the solid particles were measured 
using a TriStar 3000 (Micrometrics, Serial No. 1001) gas adsorption analyser. During a 
typical measurement, the solid particles were first degassed in vacuo at room 
temperature to remove gas adsorbed on the internal surface. After degassing, N2 was 
introduced steadily into the sampling chamber isothermally at 77 K so that the absolute 
pressure of the chamber increased incrementally from ~0.01 bar to 1 bar. On 
completion, N2 was desorbed from the surfaces of the particle at a low pressure of ~0.14 
bar. The amount of N2 adsorbed and desorbed during the pressure swing was recorded 
and used to calculate the surface area of the sample using the Brunauer–Emmett–Teller 
(BET) theory (Brunauer et al., 1938). The pore size distribution and pore volume (for 
pore diameter within 1.7 – 200 nm) were calculated using the Barrett-Joyner-Halenda 
(BJH) model (Barrett et al., 1951). 
2.1.2 Mercury intrusion porosimetry 
A mercury porosimeter (Micromeritics’ AutoPore IV 9500) was used to measure 
the porosity, bulk and skeletal densities, and pore size distribution (for pores within 5.5 
– 6000 nm dia.) of the solid particles. This technique is based on the behaviour of 
mercury within a capillary. Mercury is a non-wetting liquid (i.e. contact angle > 90°) 
and has a surface tension in air of 0.48 N m-1 at 298 K. These properties mean that a 
force is required to make mercury penetrate a capillary (or pores). The porosimeter 
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measures the volume of mercury taken up by the solid at an increasing pressure. Based 
on a force balance and assuming cylindrical pores, the relationship between the pressure 
exerted and the diameter of a pore, dpore, is generally assumed to be given by the 
Washburn's (1921) equation: 
 = −4ξ, cos U-.  (2-1) 
Here, P is the pressure applied to the mercury reservoir, ξ, is the surface tension of 
mercury and  is the contact angle between the mercury and the solid. Using Eq. (2-1), 
the pore size distribution can be determined from the volume injected at each increment 
of pressure and the overall porosity from the total volume of mercury finally injected. 
2.1.3 Optical Microscopy  
The solid particles were examined using a Malvern Morphologi G3 microscope 
equipped with lenses of magnifications 2.5 × "13 –  1000 μm$, 5 × "6.5 –  420 μm$, 10 × "3.5 –  210 μm$, 20 × "1.75 –  100 μm$ and 50 × "0.5 –  40 μm$. The sample of 
particles was dispersed on to a glass plate at 1 – 2 bar pressure following a pre-defined 
Standard Operating Procedure (SOP). The microscope had a 5M pixel colour CCD 
array detector and a Nikon CFI 60 optical system, where the images of individual 
particles were captured by scanning the sample with the microscope whilst keeping the 
particles in focus. Illuminating the sample from above and/or below while accurately 
controlling the light levels enabled optical images of the particle surface to be captured. 
A range of morphological properties including circular equivalent diameter, perimeter, 
circularity and aspect ratio were automatically measured from the image of each 
particle, which then produced distributions of the properties of the sample particles. 
2.1.4 Scanning Electron Microscope (SEM) 
The surfaces and morphologies of the solid particles were examined using a 
scanning electron microscope (SEM, JEOL 5800LV). To prepare particles, samples 
were placed on a piece of double-sided tape attached to a standard aluminium stub for 
SEM, which was then sputter-coated with a thin layer of gold (thickness < 100 nm) to 
prevent accumulation of electrical charges on the sample surface. The gold-coated 
sample was then put into the chamber of a SEM, where the scanning was performed 
under low vacuum and at room temperature with an accelerating voltage between 3 and 
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20 kV. A primary beam of electrons was used to scan the sample, and the secondary 
electrons generated by the interaction of this beam with the sample were detected and 
amplified to produce images of the surface morphology of the sample at different 
magnifications. 
2.1.5 X-Ray Powder Diffraction (XRD) 
X-ray diffraction studies of the solid samples were used to investigate the 
composition of the crystalline phases present. Firstly, the samples were crushed and 
grounded to fine powder, below a sieve size of 67 µm, using a pestle and mortar. The 
powder was then packed in to a sample holder made of highly crystalline Si and Pt. The 
sample holder, the beam gun and the detector were arranged in a Bragg-Brentano para-
focusing geometry so that the sample holder was always stationary and oriented 
horizontally, whilst the detector and the generator rotated around the sample. A beam of 
Cu K-α radiation (wave length = 1.5418 Å) was generated by a Philips PW1820 HT 
generator operating at 40 kV and 40 mA, which passed through an anti-scatter slit of 1° 
and a divergence slit of 0.2 mm. The detector was fitted with a receiving slit of 1° angle, 
and the angle of reflection 2θ was varied between 10° and 90°, at a rate of 0.025° per 
second. The collection of the diffraction patterns was performed at room temperature 
and pressure. The collected diffractograms were processed using the open-source 
software – Maud, and phase identification was performed using the Inorganic Crystal 
Structure Database (ICSD) and Crystallography Open Database (COD). 
2.2 Fluidised bed reactor 
Batch experiments involving the gasification of chars, calcination of limestones 
or sulphation of limestones were performed in the fluidised bed reactor arranged as 
shown in Figure 2.1. The fluidised bed was a quartz reactor, internal diameter 30 mm 
and length 460 mm, provided with a porous frit (4 mm thick, pore size +100, -160 μm) 
as the distributor, situated 110 mm from the base of the reactor. By using pressure taps 
at the inlet and the outlet, the pressure drop across the distributor and a 20 ml bed of 355 
– 425 μm dia. silica sand was measured to be 13 – 15 mbar between 800 and 1000°C, 
which was about 1.8 – 2.0 times of the weight of the sand per unit bed area. The reactor 
was externally heated by an electric furnace (LTF 12/38/250, Lenton Ltd.). The 
temperature of the bed was measured by a K-type thermocouple (1.5 mm dia.) inserted 
into the top, with its tip 20 mm above the distributor. The flowrates of the fluidising gas 
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were controlled by rotameters calibrated at 293 K and 1 bar for gasification experiments 
and by mass flow controllers (Brooks 5850) calibrated at 293 K and 1 bar for 
calcination and sulphation experiments. The off-gas leaving the fluidised bed was 
sampled at 16.7 mL s-1 (STP) through a quartz tube. To prevent elutriated particles, tars 
and water vapour in the sampled gas entering the analysers, the gas was passed through 
a glass wool filter and a drying tube filled with CaCl2 in series. 
 
Figure 2.1. Schematic diagram of the experimental arrangement for experiments in a batch 
fluidised bed using a 30 mm i.d. quartz reactor.  
The volume fractions of the gaseous species were measured by a non-dispersive 
infra-red gas analyser (ABB EL3020 – Uras26) coupled with a paramagnetic analyser 
(Magnos206) to measure O2. The maximum measuring ranges of the gas analyser were 
0 – 100 vol% CO2, 0 – 30 vol% CO, 0 – 100 mol% O2, 0 – 10,000 ppmv SO2. The 
analyser contained internal calibration cells for each gas, with the mole fractions of 
gases being 88 mol%, 84 mol% and 7660 ppmv for CO, CO2 and SO2, respectively. The 
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oxygen analyser was calibrated using air, assuming a concentration of 20.9 mol%. For 
gasification experiments, the voltage output (0 – 10 V) from the analyser was 
transmitted to an analogue data acquisition card (USB- 1208LS, Measurement 
Computing) and recorded continuously at a frequency of 1 Hz. For calcination and 
sulphation experiments, the measurements of gas concentration was acquired directly by 
an Excel Macro through a RS-232 COM-port at a frequency of 1 Hz. 
2.3 Materials 
2.3.1 Gases 
The gases used in the experiments were (i) N2 (purity grade ≥ 99.9 vol%, 
oxygen ≤ 2 ppmv), (ii) CO2 (purity grade ≥ 99.8 vol%), (iii) 3000 ppmv SO2 in N2, 
and (v) air (21 vol% O2 in N2). All gas cylinders were supplied by BOC or Air Liquide. 
2.3.2 Sand 
Natural, uncrushed silica sand (fraction C, David Ball Group plc., moisture 
content < 0.1% by dry mass, BS 1831-131:1998), sieved to a size fraction of 355 – 425 
μm, was used as a fluidising bed material in the experiments unless otherwise specified. 
The effective particle density of the non-porous sand particles was ~2650 kg m-3. 
2.3.3 Chars 
Two existing batches of solid fuels used by previous researchers in the group 
were used for the gasification study: i) char particles made from a low-rank Hambach 
lignite coal (Saucedo et al., 2014) supplied by RWE Power AG, Germany, and ii) 
activated carbon particles (Sorbonorit B4, Norit) (Scott et al., 2005). The lignite char 
was prepared by the pyrolysis of the parent coal in a bed of sand fluidised by pure N2 at 
1073 K; the detailed experimental method of preparing the chars is given by Dennis & 
Scott (2010) and Brown et al. (2010). The resulting char particles were sieved from the 
sand and recovered in four size fractions for the experiments: 0.36 - 0.50 mm, 0.60 - 
1.00 mm, 1.00 - 1.40 mm and 1.70 - 2.56 mm. The activated carbon did not require 
pyrolysis: it was crushed and sieved into different size fractions, 0.36 - 0.43 mm, 0.71 - 
1.25 mm and 1.70 - 2.36 mm.  
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2.3.4 Limestones 
Two types of limestone particles were used in calcination and sulphation 
experiments: (i) a Spanish limestone (Compostilla), and (ii) a British limestone 
(Purbeck). The size fractions used in the calcination experiments were 710 – 850 µm 
and 1400 – 1700 µm, and those used in the sulphation experiments were 355 – 500 µm 
and 710 – 850 µm. 
Some limestone particles were cycled between carbonated and calcined states a 
number of times before they were used for calcination and sulphation studies. The 
cycling of the limestone particles was conducted in a bed of sand fluidised by 15 vol% 
CO2 balance N2 at 1 bar, which used the same fluidised bed reactor as shown in Figure 
2.1. During cycling, the limestone particles were calcined at 1173 K for 10 minutes and 
then carbonated at 923 K for 10 minutes. Here, the temperature at which a partial 
pressure of CO2 of 0.15 bar is in thermodynamic equilibrium with a mixture of CaO and 
CaCO3 was calculated to be 1053 K (Barin & Platzki, 1995). The resulting particles 
were cooled in a desiccator and then were sieved from the sand. 
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Chapter 3 Theoretical models 
In this chapter, the detailed features of the reaction and diffusion model of a single 
particle are discussed. Aspects of the model, and its validation, have already been 
published in (Dai et al., 2016a; Dai et al., 2016b).  
3.1 Introduction 
The system considered is a spherical solid particle, initial porosity l, reacting 
with a stream of gas whilst it is immersed in a fluidised bed of inert silica sand particles. 
A typical non-catalytic gas-solid reaction can be represented: 
raFS1"$ + rFG1"n$ ⇄ ra&S2"$ + r&G2"n$ (3-I) 
where S1and G1 are the reacting solid and gaseous species, S2 and G2 are the product 
solid and gaseous species and r is the stoichiometric coefficient of each species. The 
actual chemical reaction could involve one or more gaseous species, but, in the present 
model, it is assumed that there are no more than two solid species, namely reactant and 
product. There are many examples of chemical reactions that follow this arrangement, 
e.g. gasification of solid carbon by CO2, calcination of CaCO3 and sulphation of CaO. 
The principal assumptions made were:  
i) The solid particle of S1 contains uniform and cylindrical pores, initial radius  -.,. 
ii) The material and energy balances inside and outside the particle are in pseudo-
steady state, so that the gas concentrations, total fluxes, total pressure and 
temperature have no time dependence. As justified by Bischoff (1963), the 
profiles generated using this assumption will be achieved very quickly in a gas-
solid system. For example, the thermal diffusivity of a typical solid is about 9 × 
10-6 m2/s at 800°C, so that for a 2 mm dia. particle, the time constant estimated 
from (particle radius)2 / (2 × thermal diffusivity) is very small, ~ 0.06 s. The 
diffusion coefficient of CO in N2 is 2 × 10-6 m2/s at 800°C, so the time constant 
is 0.25 s. Wen (1968) also concluded that the pseudo-steady state solution was a 
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good approximation for most of the solid-gas reaction systems except for 
systems with extremely high pressure and very low solid reactant concentration. 
On the other hand, the mass and energy balances are affected indirectly by the 
solid conversion X which does have time dependence and affects the physical 
properties of the particle (e.g. porosity, pore diameter and particle size), but the 
time constant is usually much larger thus justifying the use of the pseudo-steady 
assumption.  
iii) The fluidised bed is considered to have a constant local tortuosity and porosity 
around the solid particle, and there is no variation of total pressure outside the 
particle, since the net flux of gas leaving the particle and entering the bed is 
assumed to be low compared with the interstitial flow of fluidising gas. 
iv) It is assumed that the radiative contribution to heat transfer were small. 
3.2 Model equations 
3.2.1 Intraparticle mass transfer  
A model of multi-component diffusion based on the Stefan-Maxwell equations 
within a porous medium is needed to describe the intraparticle diffusion rigorously. The 
two principal flux models for non-equimolar, multi-component mass transfer are the 
Dusty Gas Model (DGM) (Evans et al., 1961), and the Mean Pore Transport Model 
(MPTM) (Rothfeld, 1963; Schneider, 1978; Arnošt & Schneider, 1995). The DGM 
assumes that the flow of a gas mixture through a porous solid is similar to the flow 
through a random array of solid spheres fixed in space and obstructing the motion of the 
moving particles of gas, while the MPTM is based on the description of flows in a 
single straight capillary and relating these descriptions to flow in the porous medium as 
a whole, treated as a network of capillaries. Even though the assumptions for the 
MPTM approach stem from sounder physics, for a long time, the DGM approach has 
been the one most used in the literature. The relatively slow development of MPTM 
models is partly owing to confusion over the description of multi-component flow in the 
continuum regime, which, in turn, has led to difficulty in establishing reliable models 
for the intermediate regime (Dennis, 2017). 
Given that both models are algebraically complicated, Young & Todd (2005) 
developed a new MPTM called the Cylindrical Pore Interpolation Model (CPIM), 
where the equations of flux for diffusion in the Knudsen regime and the Continuum 
Modelling Non-Catalytic Gas-Solid Reactions 
 
- 44 - 
regime are in the same form except for the diffusivities. Therefore, by using an 
interpolated diffusivity between the Knudsen and the Continuum regimes for the 
transitional flow, the CPIM can be applied across all flow regimes. The largest 
difference between the CPIM and the DGM is the treatment of the diffusivity in 
intermediate regime. In the DGM, only the Knudsen diffusivity is present in the 
pressure gradient equation of the DGM, whereas the CPIM attempts to account for both 
the continuum and the Knudsen effects. Since binary diffusivity is inversely 
proportional to the total pressure, it is unsurprising that at a high pressure, both the 
DGM and the CPIM are dominated by Knudsen diffusivity, hence become similar. 
However, at low pressures, the values of binary diffusivity become comparable to 
Knudsen diffusivity, so that the disparity between the two models becomes much larger. 
It should be noted that the interpolation of the diffusivity prescribed in the CPIM is 
arbitrary and there is no priori theoretical reason for suggesting it provides a good 
representation in a transitional flow. The extension of the CPIM to flow in porous 
medium is achieved by introducing a factor combining the porosity and the tortuosity 
factor, as shown in the next paragraph. Unlike the usual treatments, this parameter is not 
absorbed into the gas diffusivities and flow permeability, since it can be eliminated 
from all but one of the equations and, with appropriate boundary conditions, the flux 
ratios can be obtained in terms of a mean pore radius only. The porosity–tortuosity 
parameter simply controls the absolute flux level and cab be best interpreted as a length 
scale-factor (Young & Todd, 2005). 
Comparing all three models, the CPIM has a more rigorous treatment of 
continuum flow, a clearer interpolation procedure for transitional flow and a more 
compact form of the working equations which helps to clarify the roles of the governing 
parameters. Recent studies suggest that the CPIM is well suited to modelling multi-
component diffusion in both catalyst pellets (Lim & Dennis, 2012) and in gasifying char 
particles (Saucedo et al., 2014). For this reason, the CPIM was used to model 
intraparticle diffusion in the present work. The governing equations for N gas species 
are: 
UOU = &cl   ORQ),RO − ROQ),OR

RF
           = 1, 2 … > (3-2) 
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UU = − &K)l 2<O ∙ O3OF  (3-3) 
The boundary conditions for the above equations are given at the centre (r = 0) and the 
surface (r = rp) of the particle: 
 = 0:     O = 0  (3-4) 
 = :     O = O,  =  (3-5) 
Here, yn is the mole fraction of species n, O is the total molar flux of species n, τ2 
represents the tortuosity factor of the particle from mercury intrusion porosimetry 
measurements, ε is the porosity at the local point, which varies with conversion and is 
discussed later, and Mn is the molar mass of gas species n. The superscript  refers to 
particle surface. 
The parameters DA,nm and AA are found by interpolating between the extremes of 
continuum and Knudsen flow using the equations proposed by Young & Todd (2005): 
1Q),OR = 1QL,O + 1QS,OR              1K) = 1KL + 1KM (3-6) 
where DK,n is the Knudsen diffusivity and the parameters AK and AC are the coefficients 
in the pressure gradient equation in the continuum and Knudsen regime, given by 
(Cunningham & Geankoplis, 1968; Young & Todd, 2005) 
QL,O = 2-.3 8c<O                KL = 34-. c2  
KM = 8qRCc -.& 2O<O3OF   
(3-7) 
The viscosity of the gas mixture, μmix, is given by (Bird et al., 2007) 
qRC =  OqO "RΦOR$R 

O  (3-8) 
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Here ΦOR is a dimensionless parameter and qO represents the viscosity of the pure 
species n, and are calculated from Chapman-Enskog theory using the Lennard-Jones (6-
12) potential (Bird et al., 2007): 
ΦOR = 1√8 ¡1 + <O<R¢[.£ ¤1 + "qOqR $.£ ¡<R<O  ¢.&£¥
&
 (3-9) 
qO = 2.6693 × 10[§ <O 2σO&Ωt3  (3-10) 
Ωt = 1.16145"κ/xOR$.F¨©ª¨ + 0.52487exp "0.77320κ/xOR$
+ 2.16178exp "2.43787κ/xOR$ 
(3-11) 
xOR = xO ∙ xR (3-12) 
where Ωt is the collision integral for viscosity and has been curve-fitted for the 
experimentally-determined results of Monchick & Mason (1961) by Neufeld et al. 
(1972). The parameter xO is the maximum energy of attraction between two molecules 
of n, σO is a characteristic diameter of the molecule of n, often called the collision 
diameter, and κ is the Boltzmann constant. The values of the parameters σO and xO/κ 
for all the gas species used here are listed in Table 3.1. Going back to Eq. (3-6), DB,nm is 
the molecular diffusivity also calculated from the Chapman-Enskog theory using the 
Lennard-Jones (6-12) potential (Bird et al., 2007): 
QS,OR = 0.0018583 × 10[¨® ¡ 1<O + 1<R¢ 1¯OR& Ωu (3-13) 
Ωu = 1.06036"κ/xOR$.F£§F + 0.19300exp "0.47635κ/xOR$
+ 1.03587exp "1.52996κ/xOR$ + 1.76474exp "3.89411κ/xOR$ 
(3-14) 
σOR = 12 "σO + σR$ (3-15) 
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Here σOR is a parameter appearing in the Lennard-Jones (6-12) potential between one 
molecule of n and one of m. Similar to Ωt in Eq. (3-11), the collision integral for 
diffusivity, Ωu, has also been curve-fitted for the experimentally determined results of 
Monchick & Mason (1961) by Neufeld et al. (1972).  
Table 3.1. Lennard-Jones (6-12) potential parameters from the Appendix E in Bird et al. (2007). 
 N2 O2 CO2 CO SO2 
σO  "Å$ 3.667 3.433 3.996 3.590 4.026 
xO/κ "K$ 99.8 113.0 190.0 110.0 363.0 
The error in the predicted binary diffusivities by this method is ~ 7.3% (Green & Perry, 
2007). 
The porosity, ε, changes with the local conversion of the solid S1, X, during 
reaction and can be derived from the volume balance equation for a thin cylindrical 
shell inside the particle: 
l"#$ =  l + #"1 − l$ 1 − raFdE,a&ra&dE,aF (3-16) 
where dE,a& and dE,aF are the molar volume of the non-porous solid S2 and S1. As 
noted earlier, it was assumed that the particle has uniform cylindrical pores of initial 
diameter U-.,; the corresponding initial porosity of the particle is ε0. Ignoring the 
small volume of crossing between pore channels, the local porosity can be estimated 
from 
l"$ ∙ ±d = U-.&  ²F 4  (3-17) 
where ±d is the volume of a differential element between  and  + U and ∑ ²F  is 
the sum of the length of the cylindrical pores within the element. Assuming that the 
evolution of the internal pores (not on the particle surface) during reaction occurs only 
in a radial direction so that the pore diameter changes while the length of the pore 
remains constant, then:  
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l"$ l⁄ = 2U-. U-.,⁄ 3& (3-18) 
Substituting Eq. (3-16) into (3-18), the pore diameter at some time when the local 
conversion is X is: 
U-. = U-.,l + #"1 − l$ 1 − raFdE,a&ra&dE,aF l  (3-19) 
3.2.2 External mass transfer 
The particulate phase of the fluidised bed is considered to have a constant local 
tortuosity and porosity around the solid particle. It is also assumed that there is no 
variation of pressure with radial distance outside the particle, since the interstitial 
velocity of the fluidising gas is much larger than the mass average velocity of gas 
leaving the surface of a reacting particle. This suggests that there is no tendency to form 
voids or bubbles around the reacting particle in the case under consideration and that 
pressure variations outside the particle can be neglected. The general Stefan-Maxwell 
equations (Bird et al., 2007) were used to model the external mass transfer within a 
diffusion boundary layer of thickness δ outside the particle: 
UOU = V.D& clV.D  OR − ROQS,OR 

RF
           = 1, 2 … > 
U U⁄ = 0 
(3-20) 
Here V.D&  is the tortuosity factor of the sand bed. It was experimentally measured to be 
1.342 = 1.80 for a packed bed with 200 µm dia. quartz sand by Zoia & Latrille (2011). 
Also, lV.D is the porosity of the bed, assumed to be 0.44, the same as the porosity at 
incipient fluidisation determined by Davidson & Harrison (1963) for a bubbling 
fluidised bed of silica sand. The parameter QS,OR refers to the binary molecular 
diffusivity of species n and species m. The boundary conditions at the particle surface (r 
= rp) and the edge of boundary layer (r = rp + δ) are: 
 = :     O = O (3-21) 
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 =  + ±:     O = O´      &      = S (3-22) 
where the superscript ¶ refers to the bulk conditions. 
3.2.3 Equation of mass balance 
A pseudo-steady mass balance over a spherical shell at radius r gives the flux 
equations for the gaseous species: 
1& UU "&:$ = `O           = 1, 2 … > (3-23) 
where Jn is the total flux (i.e. diffusive flux + advective flux) of species n. The 
parameter `O is the net rate of reaction of species n, in mol m-3 s-1, which is positive for 
a net gain and negative for a net loss in species. Equation (3-23) holds under the 
pseudo-steady state assumption regardless of whether the reaction occurs inside or 
outside of the particle. 
A material balance on the solid S1 across a differential element gives the 
variation of local conversion of S1 with respect to time: 
U#U9 · = −<aF `aFm., (3-24) 
with initial condition: 
9 = 0:     #"$ = 0   for all  ∈ [0, ] (3-25) 
where m., is the initial bulk density, the particle centre is r = 0 and its surface is r = rp. 
The form of the expression of the rate of reaction depends on the specific reaction and 
will be discussed in the next three chapters. 
3.2.4 Equation of energy balance 
The standard form of equation of energy has been derived in Appendix A, where 
one of the complete forms is Eq. (A-19): 
mN QQ9 = −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + Â ∙ À∇ ∙ ÁÃ −  YOÄ − Å&2 OF cO + QQ9  (A-19) 
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where the definition of the symbols can be found within the text in Appendix A. As 
justified by the time constant analysis in section 3.1, the fluxes, pressure and 
temperature can be assumed in pseudo-steady state: 
UÅU9 = UU9 = UU9 = 0 (3-26) 
Therefore, Eq. (A-19) can be simplified to obtain a pseudo-steady state form (see Eq. 
(A-19) to (A-25) for derivation), which is:  
1& UU ¡& UU¢ = 1j;;  YO + ÆE&2 <O `O

OF
+ 1j;; UU  ON,O

OF
+ 1j;;  <OOÆE UÆEU

OF
 
(3-27) 
where N,O is the molar heat capacity of species n and j;; is the effective thermal 
conductivity. YO is the partial molar enthalpy of species n at temperature T, and is 
calculated from standard enthalpy of formation YZ,O  by 
YO = YZ,O + Ç N,OUÈ&É©  
(3-28) 
The last term in Eq. (3-27) makes specific allowance for the small change in momentum 
occurring as a result of the change in mass in the gas phase during the non-catalytic 
reaction of the solid, which is an additional term to the corresponding equation given by 
Bird et al. (2007). The calculation of the thermal parameters Cp and λ is discussed in 
section 3.2.4. Finally, uM is the mass-averaged velocity of the mixture which is given by 
ÆE =  <OOOF  mn,O

OFÊ  
(3-29) 
where mn,O is the density of gas species n from ideal gas law. The boundary conditions 
for the internal energy balance are: 
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 = 0:     U U⁄ = 0                 = :      =  (3-30) 
3.2.5 Calculation of the physical parameters 
The boundary layer thickness δ was given by Hayhurst & Parmar (2002): 
ShÌÍÎ =  2lRZ"1 +  ±⁄ $ (3-31) 
ShÌÍÎ = 2lRZ + 0.6122Ï pÐ6Ñ⁄ 3.¨©"pÐ6Ñ QS⁄ $.®® (3-32) 
Ï = ÏRZ"1 − lV$Ò1 − 0.5Ln"1 − 6lV ⁄ $Õ (3-33) 
where lRZ is the voidage at incipient fluidisation for a bubbling fluidised bed with silica 
sand. Also, pÐ6Ñ is the kinematic viscosity of the gas mixture calculated using 
Chapman-Engskog theory and QS is the binary molecular diffusivity for a chosen gas 
species in the fluidising gas. The bubble fraction lV is given by 
lV = 2Ï − ÏRZ3 ÏV⁄ = 2ℎ − ℎRZ3 ℎ⁄  (3-34) 
where the bubble velocity, ÏV, is given by Davidson & Harrison (1963):  
ÏV = 2Ï − ÏRZ3 + 0.712ÖUVWWW3.£ (3-35) 
The parameter ℎRZ is the bed height at incipient fluidisation and UVWWW is the mean bubble 
diameter estimated from the correlation of Darton et al. (1977): 
UVWWW = 0.542Ï − ÏRZ3.¨ℎ.© "2Ö.&$  (3-36) 
where h is the expanded height of the bed when fluidised at superficial velocity U. 
Although Hayhurst and Parmar’s (2002) correlation is based on equimolar counter-
diffusion (EMCD), it has been shown that it will yield the correct value of δ from Eq. 
(3-31), even for non-EMCD (Hayhurst, 2000).  
The effective thermal conductivity of the reacting particle was calculated from 
j;; = "1 − l$j×6Ø + ljnÙ (3-37) 
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jnÙ =  OjOOF  
(3-38) 
The thermal conductivities of the pure gaseous species n, jO, were obtained from 
jO = NFOMÚ "1 + N®O ⁄ + NO¨ &⁄ $  (3-39) 
where T is in K and NFO − NO¨ are constants for species n (Green & Perry, 2007). The 
overall thermal conductivity is largely influenced by that of the solid. The specific heat 
capacity of each gas was estimated from, 
NTO = ¶FO + ¶&O + ¶®O &⁄  (3-40) 
where T is in K and ¶FO − ¶®O are constants from Green & Perry (2007). The physical 
parameters of all the gas species involved in this thesis are listed in Table 3.2. The 
thermal conductivity of the fluidised bed was also calculated using Eq. (3-37), where j×6Ø of the bed material and the porosity of the bed at incipient fluidisation was used. 
 
Table 3.2 Physical parameters of gas species. 
 CO2 CO O2 SO2 N2 
Molar mass / g mol-1 44.01 28.01 15.9994 64.066 28.0 
Standard enthalpy of formation / 
kJ mol-1 -393.5 -110.5 0 -296.8 0 
Heat capacity 
coefficients 
¶F / J mol-1 
K-1 
3.96 6.60 8.27 7.70 6.50 
¶& / J mol-1 
K-2 
0.00274 0.0012 0.000258 0.0053 0.001 
¶® / J K mol-
1
 
−1.955× 10£ 0 −1.877× 10£ −8.3× 10[ª 0 
Thermal 
conductivity 
coefficient 
NF / W m-1 
K-1 
3.69 5.9882× 10[¨ 4.4994× 10[¨ 10.527 3.3143× 10[¨ 
N& / - -0.3838 0.6863 0.7456 -0.7732 0.7722 
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N® / - 964 57.13 56.699 -1333 16.323 
N¨ / - 1.86× 10§ 501.92 0 1.5064× 10§ 373.72 
 
3.3 Non-dimensional model equations 
The above equations were made dimensionless using the following non-
dimensional variables: 
 Û =   20 ≤  ≤ 3            Ý =  − ±  2 ≤  ≤  + ±3 
QS,OR' = QS,ORQ5;                  Q),OR' = Q),ORQ5;  
' = S                O' = cSQ5;S O              ' = S 
(3-41) 
The reference diffusivity, Q5;, was chosen arbitrarily as the molecular diffusivity of one 
gaseous species in the other, e.g. CO2 in N2, at the bulk condition. The superscript I and 
E indicate internal and external of the particle. 
If the particle radius rp decreases during the reaction, e.g. during the gasification of a 
reactive particle, the coordinates need to be transformed carefully. The transformation 
of the spatial coordinate from r to η is described in Appendix B and is given: 
ÞÞ |f =  ÞÞ |f                Þ&Þ& = 1& Þ&Þ & (3-42) 
There is an extra term for the time derivative, required for the equation describing rate 
of conversion: 
ÞÞ9·ß = ÞÞ9· +   à ÞÞ ·f (3-43) 
3.3.1 Equations for the internal model 
With the above transformations, the CPIM equations for intraparticle mass 
transfer become: 
Modelling Non-Catalytic Gas-Solid Reactions 
 
- 54 - 
UOU Û = &'l'   OR'Q),RO' − RO'Q),OR' 

RF
           = 1, 2 … > (3-44) 
U'U Û = − &K)Q5;lcS 2<O ∙ O' 3OF  (3-45) 
The dimensionless equations for the fluxes and the boundary conditions are given by 
1 Û& UU Û  Û&O'  = O& = &cS`OQ5;S  (3-46) 
 Û = 0:     O' = 0 (3-47) 
 Û = 1:     O = O     &     ' = 1 (3-48) 
The Eq. (3-24) for local conversion of solid becomes: 
U#U9 ·ßá =  Û à  Þ#Þ Û·f − <aF `aFm., (3-49) 
where à  is the rate of change of particle radius arising from Eq. (3-43). The initial 
condition for local conversion changes to 
9 = 0:     #" Û$ = 0   for all  Û ∈ [0, 1] (3-50) 
The non-dimensional energy equation inside the particle and its boundary conditions 
are: 
U&'U Û& +  2 Û − Q5;Sj;;Û cS  N,O

OF O'  U
'U Û
= &j;;Û S  YO + ÆE&2 <O `O

OF
+ Q5;Sj;;Û cS&  <OO' ÆE UÆEU Û

OF
 
(3-51) 
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 Û = 0:     U'U Û = 0 (3-52) 
 Û = 1:     ' = S (3-53) 
3.3.2 Equations for the external model 
The transformed equations describing external mass transfer become: 
UOU Ý = ±''  OR' − RO'QS,OR' 

RF
                = 1, 2, 3 … > (3-54) 
U'U Ý = 0 (3-55) 
UO'U Ý + 2 ±⁄ +  Ý O' = ±cS`OQ5;S  (3-56) 
with boundary conditions: 
 Ý = 0:     O' = O,,'  (3-57) 
 Ý = 1:     O = O     &     ' = 1 (3-58) 
The non-dimensional energy equation for energy balance outside the particle is: 
U&'U Ý& +  2 ±⁄ +  Ý − ±Q5;Sj;;Ý cS  N,O

OF O'  U
'U Ý
= ±&j;;Ý S  YO + ÆE&2 <O `O

OF
+ ±Q5;Sj;;Ý cS&  <OO' ÆE UÆEU Ý

OF
 
(3-59) 
The boundary conditions are: 
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 Ý = 0:     ' = S (3-60) 
 Ý = 1:     ' = 1 (3-61) 
3.4 Model solutions 
The system to be solved is described by Eqs. (3-44) to (3-61) and it is fully specified by 
the boundary and initial conditions. Both the intraparticle and external mass transfer 
models each have "2> + 1$ 1st order ordinary differential equations (ODEs) in the 
space domain. Hence "2> + 1$ boundary conditions are needed to solve the equations. 
The ODE for conversion is 1st order in the time domain, hence only one initial condition 
is required. The energy equation is a 2nd order ODE, hence two boundary conditions are 
required for both the internal and external cases. The main difficulty in solving the 
system lies with (i) dealing with parameters which vary with local conditions, and (ii) 
efficient solution of the large system of equations. A numerical algorithm called 
Orthogonal Collocation on Finite Element (OCFE) (Chang & Finlayson, 1978a) was 
written in MATLAB to solve the model, whose mathematical principles are describe in 
Appendix C. 
The symbols used in the following section are specific to section 3.4 and Appendix C, 
and the definitions can be found within the text. Outside these two sections, please refer 
to the List of Abbreviations and Acronyms for definitions of symbols. 
3.4.1 Solution to the internal model 
For the internal reaction and diffusion model described in section 3.3.1, all the 
matrices of the dependent variables (i.e. O, O' , ' and ') and the independent spatial 
variables (i.e.  Û and â), have a dimension of [> × 1]. Using the coordinate 
transformation shown in Eq. (C-15), the equations of the internal model become: 
UOUâ ·* = ∆ |*&'l'   OR'Q),RO' − RO'Q),OR' 

RF
≡ !OÛ (3-62) 
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U'Uâ ä
* = − ∆ |*&K)Q5;lcS 2<O ∙ O' 3OF ≡ !Û (3-63) 
UO'Uâä
* = å∆ |*&cS`OQ5;S − 2O' |F*∆ |* + â|*æ ≡ !O
Û
 (3-64) 
U&'U"â$&ä
* + å 2 |F*∆ |* + â|* −
∆ |*Q5;Sj;;cS  N,O

OF O' æ U
'Uâ ä
*
= 2∆ |*3&j;;S  YO + ÆE&2 <O `O

OF
+ Q5;S∆ |*j;;cS&  <OO' ÆE UÆEUâ ·
*
OF
≡ !Û 
(3-65) 
where the right-hand side of each equation does not contain any derivative of the 
dependent variables and is represented in short by !OÛ, !Û, !OÛ and !Û respectively. 
The derivatives of the dependent variables in the above equations can now be 
substituted by their corresponding matrix equations discussed in section 3.4, as follows: 
UOUâ ·* = [K]ç,
T
F O|*           U
'Uâ ä
* = [K]ç,TF '|* 
UO'Uâä
* = [K]ç,TF O' |* 
U'Uâ ä
* = [K]ç,TF '|*           U
&'U"â$&ä
* = [¶]ç,TF '|* 
 = 1, 2 … >;      é = 2 … > − 1;      Å = 1 … >? 
(3-66) 
Once again, [K]ç, and [¶]ç, are the matrix cells at the éfê row and ëfê column of the 
collocation matrices [A] and [B], calculated from the roots of the Legendre polynomials 
in Eq. (C-7) and (C-8). The reason why the index é ranges between 2 and "> − 1$ is 
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that the boundary conditions and, or, continuity constraints are specified at the first and 
the last nodes of each finite elements. The system of equations to be solved for each of 
the dependent variables (i.e. O, O' , ' and ') is given by 
[K]ç,TF O|* − !OÛ = 0 (3-67) 
[K]ç,TF '|* − !Û = 0  (3-68) 
[K]ç,TF O' |* − !OÛ = 0 (3-69) 
[¶]ç,TF '|* + å 2 |F*∆ |* + â|*
− ∆ |*Q5;Sj;;cS  N,O

OF O' æ [K]ç,
T
F '|* − !Û = 0 
(3-70) 
The above equations are called the interior residual equations, which are defined at the 
interior collocation points (nodes other than the element boundaries) of each finite 
element and are solved by minimising the residual of the left-hand side to a value 
suitably close to 0. 
The system boundary conditions at the centre of particle ( Û = 0) are given by 
the following equation at the 1st collocation point of the 1st finite element: 
K9  Û = 0:     O' |F*F = 0          U'U ÛäF
*F = 0 (3-71) 
The boundary conditions at the particle surface ( Û = 1) are specified at the last 
collocation point of the last finite element: 
K9  Û = 1:    O|T*Ý = O          '|T*Ý =  1          '|T*Ý = S (3-72) 
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The continuity constraints on the values and the gradients of the dependent variables, 
shown in Eq.(C-18), are specified at all finite elements’ boundary nodes, except for the 
very first and the very last ones where boundary conditions are defined.  
For the internal model, there are 2 + 2 unknowns (O, O' , ' and ') at each 
collocation point. Hence, each unknown requires > =  >? × "> − 1$ + 1 equations 
to be solved. Table 3.3 shows the number of equations of different categories and the 
total number does sum to > for each dependent variable as expected.  
Table 3.3. Number of equations to be solved for each dependent variables 
Variables Interior residual 
equations 
Continuity 
constraints 
Boundary 
conditions 
Boundary 
condition type 
O >?"> − 2$ ">? − 1$ 1 at  Û = 1 Dirichlet 
 >?"> − 2$ ">? − 1$ 1 at  Û = 1 Dirichlet 
O >?"> − 2$ ">? − 1$ 1 at  Û = 0 Dirichlet 
 >?"> − 2$ ">? − 1$ 2 at  Û = 0 & 1 Neumann 
/Dirichlet 
Finally, the matrix forms of Eqs. (3-67) to (3-72) are stacked together following the 
method described in section 3.4.2 and 3.4.3, and can be solved simultaneously using the 
subroutine fsolve in MATLAB together with the adaptive meshing algorithm discussed 
in section C.4 to find the values of the dependent variables at each collocation points. 
The results from this solution give the profile of gas mole fractions, total pressure, total 
fluxes and temperature within the particle. 
3.4.2 Solution to the external model 
The same coordinate transformation, described by Eq. (C-15), was applied to the 
equations of the external model shown in section 3.3.2, as follow: 
UOUâ ·* = ∆ |*±''   OR' − RO'QS,OR' 

RF
= !OÝ (3-73) 
Modelling Non-Catalytic Gas-Solid Reactions 
 
- 60 - 
U'Uâ ä
* = 0 = !Ý (3-74) 
UO'Uâä
* = å∆ |*±cS`OQ5;S − 2O'±∆ |* +  |F*∆ |* + â|*æ = !O
Ý
 (3-75) 
U&'U"â$&ä
* + å 2±∆ |* +  |F*∆ |* + â|* −
∆ |*±Q5;Sj;;cS  N,O

OF O' æ U
'Uâ ä
*
= ±&∆ |*&j;;S  YO + ÆE&2 <O `O

OF
+ ∆ |*±Q5;Sj;;cS&  <OO' ÆE UÆEUâ ·
*
OF
= !Ý 
(3-76) 
The derivatives in the above equations can be substituted in the same way as 
shown by Eq. (3-66) from the previous section. The system of equations was then 
organised in the same way as in Eqs. (3-67) to (3-70): 
[K]ç,TF O|* − !OÝ = 0 (3-77) 
[K]ç,TF '|* − !Ý = 0 (3-78) 
[K]ç,TF O' |* − !OÝ = 0 (3-79) 
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[¶]ç,TF '|* + å 2±∆ |* +  |F*∆ |* + â|*
− ∆ |*±Q5;Sj;;cS  N,O

OF O' æ [K]ç,
T
F '|* − !Ý = 0 
(3-80) 
The boundary conditions will be defined at the particle surface ( Ý = 0) and the 
edge of the diffusion boundary layer ( Ý = 1): 
K9  Ý = 0:     O' |F*F = cSQ5;S O          '|F*F = S (3-81) 
K9  Ý = 1:     O|T*Ý = OS          '|T*Ý =  1          '|T*Ý = 1 (3-82) 
The continuity equation between two neighbouring elements is exactly the same as Eq. 
(C-18).  
For the external model, there are also 2 + 2 unknowns (i.e. O, O' , ' and ') at 
each collocation point for n species. Hence, the number of equations from the interior 
residual, continuity and boundary conditions categories is the same as shown in Table 
3.3. To achieve continuity between the internal and external models, the total fluxes of 
gases at the particle surface, O, calculated from the internal model were used as an 
initial guess of the flux boundary conditions, Eq. (3-81), for the external model. 
Together with the bulk conditions, Eq. (3-82), at the edge of diffusion boundary layer, 
the system of equations was solved simultaneously by using the subroutine fsolve in 
MATLAB to find the values of the dependent variables at each collocation point. The 
results from this solution give values of gas concentration, pressure and temperature at 
the particle surface to be used as the updated boundary conditions of the internal model. 
The internal model was then solved to yield the new boundary conditions for the 
external model. The iteration proceeded until the differences in values of gas 
concentration, flux, pressure and temperature at the particle surface given by the internal 
and external models were smaller than 0.1%. 
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3.4.3 Time progression of the system 
 
Figure 3.1 Schematic flow diagram showing the algorithm for solving the internal and external 
models and time stepping procedures. 
Pseudo-steady state has been assumed for all the variables except the conversion #. Using the initial condition, Eq. (3-50), the 1st order time-dependent ODE of local 
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conversion #, Eq. (3-49), has to be solved. The numerical subroutine ode45 in 
MATLAB was used to calculate the values of #" Û$ at time 9 + ∆9 based on #" Û$ and U#/U9 at time 9. The relevant model parameters, e.g. porosity and pore diameter, were 
updated with the new value of #" Û$, and then the internal model and external model 
solved for results at time 9 + ∆9. The iterative process was stopped when reaching the 
target time. Figure 3.1 shows the flow diagram of the algorithm described here and in 
the previous section. 
For some reacting systems, the rate of reaction slows as conversion increases so 
that the gradient of the conversion with respect to time reduces. Hence it makes sense to 
ensure that the time step ∆9 is small at the start and gradually increases as reaction 
proceeds, so that the computational cost is minimal. There are several simple strategies 
to achieve this: (i) constant time step, (ii) linearly increasing time step, (iii) 
geometrically increasing time step. Here (i) and (iii) were implemented for a total 
simulation time of 9È-fXì and í time steps as follows: 
∆9 = ∆9ef[F          ë = 1,2 … í (3-83) 
where the initial time step ∆9 is 
ef ≠ 1:     ∆9 = 9È-fXì ¡ 1 − ef1 − efï¢ 
ef = 1:     ∆9 = 9È-fXìí  
(3-84) 
The parameter ef is an input which can take any positive value: (i) a value between 0 
and 1 means the time step is reduced after each iteration, suitable for reactions where 
the rate increases with conversion; (ii) a value equals to 1 means uniform time step, 
applicable to all types of reactions but does not give the optimum efficiency; (iii) a 
value exceeding 1 means that the time step is increased after each iteration, suitable for 
reactions where the reaction rate reduces with conversion. 
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3.4.4 Input parameters 
Table 3.4 Input parameters of the model for simulating the calcination of limestone particles. 
Configuration Parameter Value 
(1) Bulk 
conditions 
Temperature, S / K 1073 
Pressure, S / Bar 1.013 
Mole fraction of CO2, S  0.05 
Mole fraction of N2, ðS  0.95 
   
(2) Solid particle 
Particle diameter / μm 500 
Mass fraction of CaCO3 1 
Mass fraction of CaO 0 
Skeletal density / kg m-3 2710 
Pore volume / cm3 g-1 0.02 
Pore diameter / nm 50 
BET area / m2 g-1 2.0 
Tortuosity factor 1.41 
   
(3) Fluidised bed 
Fluidising gas flow rate (STP) / ml s-1 80 
Particle diameter / μm 400 
Particle density / kg m-3 2648 
Bed diameter / mm 30 
Voidage at incipient fluidisation, lRZ 0.44 
Bed height at incipient fluidisation, YRZ / mm 29 
Tortuosity factor 1.34 
   
(4) Time grid 
Total simulation time, 9È-fXì / s 200 
Number of time steps, í 200 
Time step growth factor, ef 1.02 
   
(5) Spatial grid 
Number of collocation points, > (internal model) 7 
Number of finite elements, >? (internal model) 15 
Element spacing decay factor, eC (internal model) 1.0 
Number of collocation points, > (external model) 5 
Number of finite elements, >? (external model) 15 
Element spacing decay factor, eC (external model) 1.0 
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The input parameters required by the model were categorised as shown in Table 
3.4 under (1) bulk conditions; (2) solid particle properties; (3) fluidised bed properties; 
(4) time grid and (5) spatial grid. To be specific, an example of the configurations for 
simulating the calcination of limestone particles is shown in Table 3.4, which will be 
discussed in Chapter 5. Configuration (1) – (2) are specific to the reactions studied and 
will be set in the corresponding chapters, while (3) – (5) are constant throughout the 
entire thesis unless specified otherwise, except for the total simulation time in (4). 
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Chapter 4 Using an experimentally-
determined model of the evolution of pore 
structure for the gasification of chars by CO2 
4.1 Introduction 
During the gasification of a batch of char, the rate of reaction increases, from 
time t = 0, to a maximum and thereafter drops continuously with time as conversion 
increases. This has been attributed to the change in the pore structure of the particle 
during reaction. At the start, new gas-solid interface area is created as the small pores 
grow during gasification, but, at larger conversions, the internal area falls as large pores 
coalesce (Kawahata & Walker, 1963; Bhatia & Perlmutter, 1980). Hence, many have 
sought to model the change of internal pore structure with conversion during reactions. 
For example, Bhatia & Perlmutter (1980) and Gavalas (1980) developed random pore 
models (RPM), using different approaches, to model the total surface area at any 
conversion as a function of the initial morphological parameters, e.g. the initial porosity 
and surface area. Gavalas (1980) reported a reasonable agreement between the model 
and experimental measurements of char gasification at low temperature, but observed 
some degree of deviation at high temperature where intraparticle diffusion limitations 
became significant within a char particle. Similar behaviour was also observed for the 
RPM of Bhatia & Perlmutter (1980) by Lin & Strand (2013). Often the correlation 
between the total surface area, as measured by Brunauer–Emmett–Teller (BET) N2 or 
CO2 adsorption, and reactivity is weak. This is because the BET area does not account 
for the nature of the surface, or the concentration of active sites there (Radovic et al., 
1985; Lizzio et al., 1990). Hence the applicability of complex mathematical models of 
pore structure does not always capture all the features of the reaction. 
In a review of early works, Laurendeau (1978) concluded that the overall 
kinetics of char gasification were often correlated by an expression of the form of  =\NO , where \ is the overall rate constant and the order of reaction n is between 0 
and 1. However, many (e.g. Reif, 1952; Ergun, 1956; Strange & Walker, 1976) agree 
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that the intrinsic rate of reaction follows Ergun’s oxygen-exchange mechanism (Ergun, 
1956). If detailed descriptions of the intraparticle and external diffusion processes and 
energy balance are included in the model, then it is more realistic to use the intrinsic 
kinetics for the reaction rate rather than using the overall kinetics. Saucedo (2014) and 
Saucedo et al. (2014) took the equations for the diffusion of gaseous reactants and 
products within a particle of char and coupled them, locally, with an expression 
describing the chemical kinetics of gasification within the char in the form r = g(Ci, T, 
P) × f(X). Clearly, this meant that the conversion would vary across the radius of the 
particle. However, Saucedo (2014) assumed that X could be replaced by its average for 
the particle at a particular time, X , thus reducing the computational complexity of 
marching forward local values of X at each radial grid point. 
In this study, Saucedo’s (2014) problem has been solved rigorously by applying 
the reaction and diffusion model developed in Chapter 3 which tracks the evolution of 
the pore structure based on the local conversion within a particle. The theory has then 
been investigated experimentally to determine how far the use of an arbitrary f(X) can 
be applied to the reaction of similar particles, but of different size and being gasified at 
conditions different to those used to determine f(X). Aspects of this chapter have been 
published (Dai et al., 2016a). 
4.2 Experimental methods 
4.2.1 Materials 
Table 4.1 Analysis of the char particles used in the experiments. 
Fuel Ultimate Analysis (wt%)a  Density (kg m-3) 
 C H N Balance  Bulk  Skeletal 
Hambach lignite char 85.69 0.82 0.84 12.65  831 1310 
Activated carbon 87.80 0.64 0.37 11.19  703 1076 
a
 From Saucedo et al. (2014) and Scott et al. (2005). 
The gases used were N2, CO2 and air, as described in section 2.3.1. Silica sand 
sieved to 355 – 425 μm, was used as a fluidised bed material. Two solid fuels were 
used: i) char particles made from a low-rank Hambach lignite coal, and ii) activated 
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carbon particles. The preparation of the char particles was described in section 2.3.3. 
The lignite char particles were sieved into four size fractions for the experiments: 0.36 - 
0.50 mm, 0.60 - 1.00 mm, 1.00 - 1.40 mm and 1.70 - 2.56 mm. The activated carbon did 
not require pyrolysis: it was crushed and sieved into different size fractions, 0.36 - 0.43 
mm, 0.71 - 1.25 mm and 1.70 - 2.36 mm. The composition and density of the fuel 
particles are listed in Table 4.1. 
4.2.2 Fluidised bed experiments 
Batch experiments were performed in the fluidised bed described in section 2.2. 
In an experiment, the reactor was filled with 20 ml of silica sand and heated to the 
desired temperature, viz. 1073 – 1273 K. For gasification, the fluidising gas was 
typically 30 mol% CO2, balance N2. The total volumetric flowrate was 50 mL s-1 (STP), 
giving U/Umf ~ 4.2 – 5.0, with U being the superficial velocity at the temperature of the 
bed and Umf being the value at incipient fluidisation. The value of Umf was determined 
by a pressure sensor measuring the pressure drop between the reactor inlet and outlet as 
a function of the gas flow rate. Experimental measurements gave the flowrate at Umf of 
10 and 12 mL s-1 (STP) for 1273 and 1073 K, respectively, whereas the correlation of 
Wen & Yu (1966)  gave values of 9 and 12 mL s-1 (STP). About 0.05 g of fuel were 
added to the reactor and allowed to gasify to the point where the concentration of CO in 
the off-gas was measured as ~ 0. Then the reactor was purged with pure nitrogen before 
burning off the residual carbon in air. Each experiment was repeated at least 3 times. 
The mass of fuel added to the bed was chosen to be small to avoid complications arising 
from rate of mass transfer between the bubble and the particulate phases (Saucedo, 
2014). The overall rate of production of CO from gasification in mol s-1 g-1 is 
c+' = 2 × Àà -ñf2Mò,-ñf + Mò,-ñf3 − à O2Mò,O + Mò,O3ÃóVXf]ê  (4-1) 
where óVXf]ê is the initial mass of char. The à -ñf and à O are the total molar flows 
leaving and entering the reactor at the exit and entrance conditions, where à -ñf21 − Mò,-ñf − Mò,-ñf3 = à O21 − Mò,O − Mò,O3 from the mass balance of 
nitrogen. The raw measurements were deconvoluted to account for the mixing and delay 
in the sampling line using the methods described in Appendix D. 
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4.3 Theoretical methods 
4.3.1 Modelling the kinetics of gasification 
The model described in this work retained all of the assumptions described in 
Chapter 3, applied to a spherical carbon particle gasified in a stream of CO2, diluted by 
N2 in the batch fluidised bed reactor. The only reaction occurring is: 
C"$ + CO&"n$ ⇌ 2CO"n$          ∆Y&É© = +173 kJ mol[F (4-II) 
Although the study focused on gasification by CO2; of course, steam is also an 
important gasifying agent. The most widely-used reaction scheme is that of Ergun 
(1956) in which gaseous CO2 is adsorbed on an active site, C∗, on the surface of the char 
followed by desorption of the CO produced:  
C∗ + CO&"n$ (F⇌([FC"O$ + CO"n$ (4-III) 
C"O$ h→ C∗ + CO"n$ (4-IV) 
The intrinsic rate of CO production per unit mass of carbon, c+,' , can be expressed as 
c+,' = 2P(& ¡
 − 

&\T ¢
 + (&(F + ([F(F  
 (4-5) 
using Langmuir-Hinshelwood (L-H) kinetics and assuming a pseudo-steady state for the 
number of occupied sites C(O). Ergun (1956) proposed this equation without the term 
& \T⁄ . The extra term was added to allow reaction (4-IV) to be reversible (Dennis & 
Scott, 2010). Here P is the initial number of active sites per unit mass of char, (F, ([F 
and (& are rate constants, 
 and 
 are the partial pressures of CO and CO2, and \T 
is the equilibrium constant for the overall gasification reaction (4-II). Both the 
equilibrium constant for reaction (4-III), given by ([F (F⁄ , and the combined parameter 
c0k2 were found (Ergun, 1956) to be independent of the type of carbon used. The values 
of ([F (F⁄  and P(& were fitted by Arrhenius equations with constant activation 
energies of -95 kJ/mol and 247 kJ/mol respectively (Ergun, 1956). In fact, experiments 
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have shown that k2 is independent of partial pressure of CO2, thus confirming the L-H 
kinetics used by Ergun (Hüttinger & Nill, 1990; Hüttinger & Fritz, 1991). Accordingly, 
the rate of reaction of species n, `O in mol m-3 s-1, appearing in the reaction and 
diffusion model in Chapter 3 is given by 
`O = rO` = rO2 2c+,' m.,3!"#$           = 1, 2, 3 (4-6) m., = mR"1 − l$ (4-7) 
Here ` is the rate of reaction of the solid carbon in mol m-3 s-1 and rO is the 
stoichiometric coefficient of species n representing CO, CO2, and N2 respectively. 
Finally, m., is the initial bulk density, mR is the skeletal density and l is the local 
porosity in a particle. Given that the total flux ® (diffusive flux + advective flux) of the 
inert nitrogen is zero, an elemental mass balance on oxygen gives:  
F + 2& = 0               ® = 0 (4-8) 
A material balance on carbon across a differential element gives the variation of 
local conversion of carbon with respect to time as a function of the carbon consumption 
rate `M: 
U#U9 · = −<M ¡`Mm. ¢ = −12  `Mm.,          `M = `& = − `F2  (4-9) 
the initial condition being 
9 = 0:     #"$ = 0   for all  ∈ [0, ] (4-10) 
4.3.2 Evolution of pore structure 
 The porosity, ε, changes with the local conversion of carbon, X, during reaction 
and can be derived from the carbon balance equation over a thin cylindrical shell inside 
the particle, which also corresponds to Eq. (3-16) in chapter 3: 
l"#$ =  l + #"1 − l$ (4-11) 
From Eq. (3-17) to (3-19) in Chapter 3, the pore diameter at some time when the local 
conversion is X is: 
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U-. = U-.,"l + #"1 − l$$ l⁄  (4-12) 
The change of radius of the particle during the reaction occurs in two stages: i) 
prior to the overall conversion reaching a critical value, the particle shrinks as its 
density decreases, and ii) at a critical overall conversion, the particle disintegrates from 
the outside owing to a loss of structural integrity (Gavalas, 1980; Singer & Ghoniem, 
2013). During the second stage, the change of radius is usually extremely rapid and is a 
complicated process occurring at a conversion close to 100%. The present study focused 
on the first stage. When a particle shrinks with decreasing density, the loss of elemental 
carbon in solid and gas phases within a char particle is equal to the net carbon 
transferred out of the particle by the fluxes of CO and CO2, at pseudo-steady conditions. 
This gives the following equations: 
− UU9 ¡43 ®"1 − l$̅ mR<] + 43 ®l ∙ [C]WWWWWWWW¢ = 4&"F + &$ (4-13) 
l̅ = 3 Ç  Û&lF U Û        l ∙ [C]WWWWWWWW = 3 Ç  Û&l"[CO&] + [CO]$F U Û (4-14) 
where  Û is the dimensionless radius. The above equations can be rearranged: 
− ¡3"1 − l$̅ mR<] + 3l ∙ [C]WWWWWWWW¢ UU9 +  mR<] Ul̅U9 −  UU9 2l ∙ [C]WWWWWWWW3= 3"F + &$ (4-15) 
The initial condition is 
9 = 0:      = , (4-16) 
In Eq. (4-15), Ul̅ U9⁄  and U2l ∙ [C]WWWWWWWW3 U9⁄  can be estimated by numerically 
differentiating the outputs of Eq. (4-14). The above equation (4-13) is a 1st order ODE 
in rp and was solved numerically in MATLAB. In addition, Eq. (4-15) could be 
simplified to describe a shrinking core model at constant density by setting Ul̅ U9⁄ = 0. 
In practice, the initial particle diameter, ,, was more of a variable input around its 
estimated value rather than a constant owing to the uncertainties in using a mean value 
for the size distribution measurement. 
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4.4 Results 
4.4.1 Particle characterisation 
 
Figure 4.1 SEM images of the lignite char particles. 
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Figure 4.2 SEM images of activated carbon particles. 
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Figure 4.1 and 4.2 show Scanning Electron Microscope (SEM) images of the 
polished surfaces of, respectively, lignite char and activated carbon particles, where 
huge voids and cracks > 100 μm were present in the lignite chars but not in the activated 
carbon. Figure 4.3 shows the pore size distribution measurements from BJH adsorption 
analysis and mercury intrusion porosimetry, the key parameters of which are 
summarised in Table 4.2 and 4.3. The measurements show similar values of parameters 
for the same fuel indicating that the pore structures of particles of different sizes are the 
same. Comparing the two sets of analyses, it can be concluded that most of the surface 
area exists in small pores (dpore < 10 nm) while the majority of the pore volume is 
contained in large pores (dpore > 100 nm). It was, of course, possible that the fuel 
particles had considerable unmeasured surface area and pore volume in the microporous 
range (dpore < 2 nm), as the BET and mercury intrusion analyser were unable to measure 
pores below a diameter of 1.7 nm and 3 nm respectively. In the subsequent modelling, 
the mean pore diameter dpore = 4V/A from mercury porosimetry was used as the initial 
pore diameter of the fuel particles, where V was the total intrusion volume and A was 
the total pore area. 
 
Figure 4.3 Pore size distributions of the 0.60 – 1.00 mm dia. lignite char and the 0.71 – 1.25 mm 
dia. activated carbon particles from BJH adsorption analysis and mercury intrusion porosimetry. 
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Table 4.2 Characterisation of the fuel particles by BET analysis. 
Fuel particles BET area / 
m2 g-1 
BJH volume / 
cm3 g-1 
BJH adsorption mean pore 
diameter / nm 
Lignite char, 0.60 – 
1.00 mm 
178 0.113 5.6 
Lignite char, 1.70 – 
2.56 mm 
160 0.103 6.4 
Activated carbon, 0.71 
– 1.25 mm 
1019 0.130 3.3 
Activated carbon, 1.70 
– 2.36 mm 
947 0.122 3.5 
 
Table 4.3 Characterisation of the fuel particles by mercury porosimetry. 
Fuel 
particles 
Porosity Total 
pore 
area / 
m2 g-1 
Total 
intrusion 
volume / 
cm3 g-1 
Mean pore 
diameter / 
nm 
Bulk 
density / 
kg m-3 
Tortuosity 
factor / - 
Lignite char, 
0.60 – 1.00 
mm 
0.31 10.70 0.428 160 874 1.9 
Lignite char, 
1.70 – 2.56 
mm 
0.33 10.56 0.452 171 788 1.9 
Activated 
carbon, 0.71 
– 1.25 mm 
0.36 14.75 0.492 133 703 1.9 
Optical microscopy allowing a maximum measurable dimension of 1000 µm 
was used to measure the size distribution and the shape of the particles. Figure 4.4 
shows distributions of the probability density function (left y-axis) and the cumulative 
density function (right y-axis) measured for 0.36 – 0.50 mm and 0.60 – 1.00 mm dia. 
lignite char particles; the main parameters from size distribution measurements are 
summarised in Table 4.4. No measurements were made on the activated carbon particles 
because their size fractions (0.71 – 1.25 mm and 1.70 – 2.36 mm) exceeded the 
measuring range. For the lignite chars, the mode of the main peak occurred at a size 
close to the Sauter mean diameter, D(3,2). The values of Sauter mean diameter are 
larger than the upper mesh size, because the particles have large aspect ratios and pass 
through the sieves by their smallest dimension. In the model, the particle diameter, dp, 
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was calculated from the geometric mean of the sieves dp = (lower mesh × upper 
mesh)0.5. It gave values close to those given by D(3,2) × ü, where ü = 4 &⁄ . Here  is the mean of measured area and P is the mean of measured perimeter of the particle 
sample, both of which are estimated from the on-board image analysis software of the 
equipment. 
 
Figure 4.4 Particle size distribution measurements of 0.36 – 0.50 mm and 0.60 – 1.00 mm dia. 
lignite chars: (a) distribution based on the number of particles and (b) distribution based on the 
volume of the particles. 
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Table 4.4 Summary of particle size distribution for lignite chars. 
Parameter 0.36 – 0.50 mm 0.60 – 1.00 mm 
10% of total volume below this size, D10 / µm 466 856 
50% of total volume below this size, D50 / µm 551 1070 
90% of total volume below this size, D90 / µm 653 1268 
Sauter mean diameter, D(3,2) / µm 574 1100 
Average high sensitivity circularity, ü / - 0.74 0.75 
D(3,2) × ü / µm 425 825 
Geometric mean diameter used in model, dp / µm 421 775 
4.4.2 Mass balance 
 
Figure 4.5 Raw measurements of gas mole fraction during gasification experiments in a 
bubbling fluidised bed, where the U/Umf is ~ (a) 4.9 and (b) 4.2. 
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The statistical analysis of the mass balance of carbon within the reactor is shown 
in Table 4.5, where 4 different sizes of lignite char and 3 different sizes of activated 
carbon were gasified at 3 different temperatures. Experiments were replicated 3 times at 
each condition. The table shows that an almost complete closure of the mass balance 
was achieved in the reactor within the accuracy of the experiments. 
Table 4.5 Yield of carbon converted to CO from the complete gasification of the fuels. 
Statistical parameter Lignite char Activated carbon 
Mass fraction of solid carbon in the chars 
converted into 
1.01 0.98 
Standard deviation in fraction of sample mass 0.05 0.07 
Number of experiments × 3 replicates at each 
condition 
36 27 
 
4.4.3 Gasification of fuel particles at different temperatures 
Since the model predicts the local reaction rate and conversion across the radius 
of a particle, the overall values of rate and conversion need to be obtained from 
integration across the particle radius. For a distribution of the variable χ (e.g. SC and X), 
its volume-averaged value can be calculated from  
ý̅ = 3 Ç" Û&ý$U ÛF  (4-17) 
where  Û is the dimensionless radius of the particle. The integral was evaluated 
numerically. 
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Figure 4.6 Comparison of model results with experimental measurements of the gasification of 
0.60 – 1.00 mm lignite char particles by 30 vol% CO2 balance N2. The chars were gasified at 
three different temperatures: 1073 K (×), 1123 K (○) and 1173 K (□). The error bars of the 
experimental measurements indicate the 95% confidence interval obtained from a t – 
distribution of three repeated measurements of each sample. 
Initially, a constant arbitrary function f(X), appearing in Eq. (4-6), was used in 
the simulations at different temperatures. The f(X) was determined from experimental 
measurements of gasification rate vs. conversion conducted under conditions where the 
reaction was controlled by intrinsic chemical kinetics. Given the high reactivity of the 
lignite chars, this necessitated experiments at relatively low temperatures. For example, 
for lignite char, 0.60 – 1.00 mm dia. particles were gasified by 30 vol% CO2 balance N2 
at 1073, 1123 and 1173 K. The f(X) was determined from the result of experiments at 
1073 K, at which temperature the effectiveness factor κeff ~ 0.94, and applied to the 
Modelling Non-Catalytic Gas-Solid Reactions 
 
- 80 - 
simulations of reaction at 1123 K (where κeff ~ 0.92) and 1173 K (κeff ~ 0.82). The 
calculation of the initial effectiveness factors is discussed later in section 4.5.2, with 
values at other conditions depicted in Figure 4.12. The comparison between theory and 
experiment is shown in Figure 4.6, which exhibits increasing disagreement between the 
two as temperature increases. Although the rate of gasification at the peak was over-
predicted for 1123 K and 1173 K, the overall conversion vs. time matched well the 
experimental results for all temperatures. 
For activated carbon, 0.36 – 0.43 mm dia. particles were gasified in 30 vol% 
CO2, balance N2 at 1173, 1223 and 1273 K. The f(X) was determined from the results at 
1173 K, at which κeff ~ 0.97, and applied to the simulations at 1223 K (κeff ~ 0.95) and 
1273 K (κeff ~ 0.92). The comparison between the model and the experimental 
measurements is shown in Figure 4.7. Since the reaction was stopped when the rate of 
gasification became very slow at high conversion, the experiments at 1173 K only had 
measurements of gasification rate up to an overall conversion of 0.8. Thus the f(X) 
determined from it could not be extrapolated beyond 80% of conversion and so the 
figure shows no theoretical predictions beyond this point. Model and experiment 
matched well at 1173 K and 1223 K, but differed somewhat for 1273 K even though all 
three experiments were fairly close to being controlled by intrinsic chemical kinetics. 
It was concluded that using a constant f(X) for all temperatures gave an 
imperfect fit between the model and the measurements for both lignite char and 
activated carbon. One possible cause of this could be that the particles contained 
multiple types of active sites, whose contributions to the overall gasification rate 
changed with temperature. Therefore, the f(X) determined at low temperature would not 
correctly reflect the change of number of active sites due to changes of internal 
morphology. Thus, it was necessary to examine whether a constant f(X) was applicable 
to simulating the experiments affected by intraparticle mass transfer, by using particles 
of different sizes, at the same temperature. Since the arbitrary function f(X) was to be 
determined from the measurements conducted under conditions where the reaction was 
controlled by intrinsic chemical kinetics, at the given temperature, it necessitated using 
particles sufficiently small in size to evaluate the f(X). So, at each temperature, the f(X) 
was obtained from the measurements on the smallest particles and then applied to the 
simulations of the larger ones. 
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Figure 4.7 Comparison of model results with experimental measurements of the gasification of 
0.36 – 0.43 mm activated carbon particles by 30 vol% CO2 balance N2. The chars were gasified 
at three different temperatures: 1173 K (×), 1223 K (○) and 1273 K (□). The error bars 
attached to the experimental points indicate the 95% confidence interval obtained from a t – 
distribution of three repeated measurements of each sample. 
4.4.4Gasification of fuel particles of different sizes 
Experiments with lignite char were performed using different sizes of particles 
(0.60 – 1.00 mm, 1.00 – 1.40 mm and 1.70 – 2.56 mm), at 1073 K, 1123 K and 1173 K. 
Additional particles with a sieve size of 0.36 – 0.50 mm were used at 1173 K, because 
at this temperature the kinetics are fast and lead to significant gradients in intraparticle 
gaseous diffusion in particles of 0.60 – 1.00 mm dia. Hence, in summary, the f(X) was 
determined from the measurements at 1073 K on 0.60 – 1.00 mm particles, at 1123 K 
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on 0.60 – 1.00 mm particles and at 1173 K on 0.36 – 0.50 mm particles. The derived 
f(X) were then applied to reaction and diffusion in larger particles, at the corresponding 
temperature. Figure 4.8 compares the overall rate of CO production vs. overall carbon 
conversion from both experiment (points) and theory (line) for lignite chars gasified in 
30 vol% CO2, balance N2 at 1073 – 1173 K. Judging from the plots of conversion vs. 
time, there is an excellent fit between measurements and model results. The plots of rate 
vs. conversion show deteriorating agreement between experiments and model as the 
particle diameter increases. Nonetheless, the agreement between model and experiment 
is satisfactory. 
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Figure 4.8 Comparison of model results with experimental measurements of the gasification of 
lignite char by 30 vol% CO2 balance N2 at 1073 K, 1123 K and 1173 K. Three different size 
fractions of lignite char were used at 1073 K and 1123 K: 0.60 – 1.00 mm (×), 1.00 – 1.40 mm 
(○) and 1.70 – 2.56 mm (□). Additional particles with size of 0.36 – 0.50 mm (∇) were used for 
1173 K experiments. The error bars on the experimental points indicate the 95% confidence 
interval obtained from a t – distribution of three repeated measurements of each sample. 
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Figure 4.9 Comparison of model with experiment for the gasification of activated carbon by 30 
vol% CO2 balance N2 at 1173 K, 1223 K and 1273 K. Three different size fractions of activated 
carbon were used: 0.36 – 0.43 mm (×), 0.71 – 1.25 mm (○) and 1.70 – 2.36 mm (□). The on the 
experimental points indicate the 95% confidence interval obtained from a t – distribution of 
three repeated measurements of each sample. 
Experiments with activated carbon were performed at 1173 K, 1223 K and 1273 
K, using particle sieve sizes of 0.36 – 0.43 mm, 0.71 – 1.25 mm and 1.70 – 2.36 mm. At 
each temperature, the f(X) was determined from the experimental measurements made 
with particles of sieve size 0.36 – 0.43 mm and applied to the simulations of larger 
particles, at the corresponding temperatures. Figure 4.9 shows the results. The low 
reactivity of activated carbon has resulted in noisy measurements and large error bars. 
Despite this, the figure shows excellent agreement between measurements and the 
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model predictions up to 60% conversion. Afterward, the rate soon dropped as pores 
coalesced and internal reactive surface area commenced to fall.  
4.5 Discussion 
4.5.1 The f(X) hypothesis 
The original f(X) hypothesis, proposed by Saucedo (2014) and Saucedo et al. 
(2014), assumed that the variation in the rate of reaction due to pore structure changes at 
any temperature could be modelled by an arbitrary f(X) function obtained from reaction 
in the absence of intraparticle gradients in gas concentration at one temperature. One 
implicit assumption in the original hypothesis was that the solid surface was 
homogeneous and that all the particle reacted with the same rate parameters. However, 
there is a significant amount of evidence to indicate that many carbons and chars 
possess multiple types of active sites with different energetic distribution. For example, 
Radović et al. (1983) suggested that there is a distribution of site activities on the 
carbon surface: the very active sites might be unavailable for reaction because of the 
formation of a stable carbon-oxygen complex; the sites of lower activity have difficulty 
in forming the carbon-oxygen reaction intermediate; and it is the optimum sites that are 
important, i.e., sites that are both active and available, for the gasification reactivity. 
Hüttinger & Nill (1990) characterised the energetic surface heterogeneity and extract 
kinetic parameters for the active sites using temperature-programmed desorption. 
Considerable work has been done on characterising and modelling the effect the active 
sites on the carbon reactivity for gasification (Calo & Perkins, 1987; McEnaney, 1991; 
Xu et al., 2013; Roberts et al., 2015) and oxidation  (Montoya et al., 2001; Sendt & 
Haynes, 2005, 2011; Senneca et al., 2017). In particular, Calo & Perkins (1987) 
analysed the data from published works based on heterogeneous surface model and 
showed that the actual behaviour exhibited by any particular set of gasification rate data 
in the chemically-controlled regime was dependent on the surface heterogeneity, as well 
as temperature and the relative amounts of CO2 and CO. They further concluded that 
there might not be any truly intrinsic rate parameters for the gasification reaction, since 
the activation energy of the kinetic parameters, e.g. (F and ([F, are functions of the 
active site distribution function, which depends on the nature of the char, its thermal 
history, and perhaps even the history of exposure to certain gaseous species which may 
adsorb on and/or react with selected portions of the active site distribution. Therefore, 
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the kinetic rate parameters were often applied within a relatively narrow range of 
experimental conditions. In the context of this work, the use of an overall activation 
energy of 247 kJ/mol for the rate parameter c0k2 in Eq. (4-5) seems to be an 
oversimplification, which could mean that the f(X) function determined at one 
temperature would not be applicable at a different temperature due to the additional 
change of the “intrinsic” rate resulted from the distribution of active sites. 
 
Figure 4.10 Comparison of model results with experimental measurements of the gasification of 
0.60 – 1.00 mm lignite char particles, heat treated at 1273 K for 1 hour, by 30 vol% CO2 
balance N2. The chars were gasified at three different temperatures: 1073 K (×), 1123 K (○) 
and 1173 K (□). The error bars on the experimental points indicate the 95% confidence interval 
obtained from a t – distribution of three repeated measurements of each sample. 
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The results in section 4.4.3 showed that a constant f(X) function obtained from 
low temperature experiments was relatively poor in predicting the value and shape of 
the rate vs. conversion curve for higher temperature experiments. This might be because 
both the lignite char and the activated carbon contained multiple types of active sites. 
To attempt to eliminate the effect of different active sites, the lignite chars were 
subjected to heat treatment. Previous studies (Hüttinger & Fritz, 1991) have found that 
c0 in Eq. (4-5) decreases exponentially with temperature. It was surmised that the 
reactivity of heat-treated chars might be nearly constant because of a more 
homogeneous carbon structure (Laurendeau, 1978). In a previous study (Senneca et al., 
1998) the chars were treated at 900 – 1200 °C for 1 – 300 minutes, and it was found that 
their reactivity decreased considerably with increasing temperature and time. Hence the 
lignite char particles were heat-treated in a sand bed fluidised by a stream of pure N2 at 
1273 K for 1 hour and cooled to room temperature before gasification by CO2. The 
results, in Figure 4.10, showed a significant reduction of reactivity compared to Figure 
4.6. In order to match the initial rate of reaction at 1073 K, the activation energy of the 
kinetic parameter c0k2 was arbitrarily increased to 317 kJ/mol, a 27 kJ/mol increase due 
to the thermal deactivation. The figure shows an excellent fit between the model results 
and experimental measurements at 1073 K and 1123 K. At 1173 K, the shape of the f(X) 
curve could no longer capture the change of the reaction rate, but it still shows a good 
agreement between model and experiment when conversion > 0.5. Compared to Figure 
4.6, the fit between model predictions and experimental measurements here is better at 
1123 K but poorer at 1173 K. Figure 4.11 compares the f(X) curve for both normal and 
heat-treated lignite char particles and shows a complete change of shape of f(X) curves, 
suggesting that thermal deactivation of active sites did change the f(X) curve. 
Thus, it can be concluded that the model utilising f(X) determined from the 
measurements on small particles at one temperature (Regime I) could be used for the 
simulation of larger particles at the same temperature (Regime II) with excellent 
accuracy; the existence of multiple types of active sites prevents, in accurate work, the 
use of f(X) across temperatures due to the change of rate contributions from each 
species. However, even if it is applied across a range of temperatures, the agreement 
between model and experiment is still reasonable. 
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Figure 4.11 The f(X) function curves for the normal 0.60 – 1.00 mm lignite char particles and 
the heat treated (1273 K, 1 hour) particles fitted from the gasification measurements at 1073 K 
by 30% CO2 balance N2. 
4.5.2The fuel particles 
The lignite chars contained very large pores and cavities that could potentially 
act as feeder pores to the small pores. The reacting CO2 probably diffused quickly 
through the large feeder pores, but diffused more slowly into the smaller pores which 
contained most of the surface area. Reducing the size of a char particle, e.g. by grinding, 
would have little effect on mass transfer, until the particles were small enough to 
eliminate the large pores (Scott, 2004). On this basis, the char particle could be viewed 
as an agglomerate of several small particles with large voids in between. Thus, the mean 
particle diameter of the char particle, obtained from the particle size distribution 
measurement, might not be a realistic reflection of the true particle size in mass transfer. 
In addition, the particle diameter used in the model was estimated from the geometric 
mean of the sieve sizes, which introduces an approximation. Therefore, the uncertainties 
in initial particle diameters used in the model might be significant. In practice, changing 
the particle diameter had no significant effect on the predicted rate of reaction for 
particles in Regime I, as expected. As the reaction of the particles moved to Regime II, 
the change of particle diameter had a larger effect on the predicted rate, e.g. smaller 
particle diameters gave higher rates and larger diameters resulted in lower rates. 
Therefore, it was possible to adjust the particle diameter used in the model to match the 
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measurements of the rate. However, the shape of the overall rate vs. conversion curve 
could not be altered by changing the particle diameter used in the model.  
For lignite chars, an average of 165 nm from the measured mean pore diameters 
was used to give the results shown in section 4.4.3 and 4.4.4. However, the pore 
diameter of activated carbon, 133 nm, determined by the mercury porosimetry in Table 
4.3, did not give a good fit between experimental measurements and the model results. 
The value of the pore diameter for activated carbon was varied during the fitting 
process. As a result, a pore diameter in the relatively narrow range of 20 – 40 nm gave 
the best fits, as shown in Figure 4.7 and Figure 4.9. The equation for diffusivity – Eq. 
(3-7) shows that the Knudsen diffusivity, QL, is proportional to the pore diameter. In 
mass transfer controlled regime, the overall interpolated diffusivity, Q), is ~ QL. Slight 
change in pore diameter will alter the intraparticle diffusion process, and thus the rate of 
reaction. In kinetically controlled regime, the reaction becomes insensitive to the change 
in pore diameter unless the change is so significant that the reaction becomes diffusion 
limited. In the next Chapter, section 5.5.3 included a simulation study of the sensitivity 
of the shape of the rate vs. conversion curve to pore diameter, where the shape of the 
apparent f(X) function, i.e. reaction rate normalised by the initial rate vs. conversion, can 
change significantly due to change in pore diameter. Therefore, the use of a single 
average pore diameter in the model might be an oversimplification in precise work, 
which might have contributed to the increasing disagreement between the model and the 
experimental measurements across temperature shown in Figure 4.6 and Figure 4.7. In 
addition, the use of Eq. (4-12) for the evolution of the pore diameter with conversion 
merits further discussion. The simplification of assuming a non-overlapping pore 
structure during the derivation of Eq. (4-12) is of course unrealistic for coal chars. For a 
real char particle, as the gasification of the char proceeds, the pores of the particle 
enlarges at first then coalesces and the intraparticle diffusion resistance reduces 
accordingly. Without considering the overlapping volume between pores, the model 
might have overestimated the increase in the pore diameter compared to the actual case 
for the same increase in conversion, hence overestimating the reduction in the mass 
transfer resistance. The effect of overestimating the increase in pore diameter should 
make no difference if the reaction is initial controlled by the chemical kinetics and will 
remain so as gasification proceeds. However, if the reaction is not in kinetically 
controlled regime at the start, the model will overpredict the increase in pore diameter 
thus the reaction rate, which would contribute to the increasing discrepancy between the 
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model and the experimental measurements observed at higher temperature and for 
larger particles in Figure 4.6 to Figure 4.9. 
Lignite char was very reactive when gasified with CO2, whilst the activated 
carbon was much less so. Comparing the rates of reaction of the smallest particles 
(lignite char: 0.36 – 0.43 mm and activated carbon: 0.36 – 0.50 mm) at 1173 K, the 
peak rate of gasification of lignite char was ~ 10 times that of the activated carbon. 
Since activated carbon had ~ 5 times more BET area than lignite, this difference in rate 
indicates that the correlation between BET area and reactivity is poor. It also meant that 
the mathematical pore models predicting the rate of reaction based on total surface area 
would have limited application in simulating the reaction and diffusion inside the 
particles during char gasification. The reason for these differences in kinetics, apart 
from the form of the carbon present in the fuel particles, might be that the lignite, a low 
rank coal, tends to contain more metal elements than does activated carbon. The metal 
impurities, especially the alkali metals, e.g. potassium, sodium and calcium, could 
catalyse the reaction of carbon. Saucedo (2014) reported that calcium, presumably as 
CaO, was found to catalyse the rate of reaction in the later stages of conversion (i.e. X > 
0.4) increasing the rate by as much as 25% over untreated char. Experiments performed 
in the present work, using scanning electron microscopy coupled with electron 
diffraction scattering (SEM-EDS), have confirmed that i) lignite char contains Na, Ca 
and Mg and ii) activated carbon contains Na, Ca and Mg. Although this does not 
unequivocally prove the difference is due to the metals loading, it does confirm the 
higher content of potentially catalytic metals in the lignite. 
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Figure 4.12 Initial effectiveness factor of the samples: a) lignite char particles at 1073 K, 1123 
K and 1173 K; b) activated carbon at 1173 K, 1223 K and 1273 K. Three samples, highlighted 
in b), are selected for comparison. 
Figure 4.12 shows the initial effectiveness factor calculated for the experiments 
of each particle size at different temperatures using z.ZZ = tanh"o o∗⁄ $, which was 
applicable to a catalytic reaction following a Langmuir-Hinshelwood mechanism 
(Meenakshi Sundaram, 1982). Here, z.ZZ is the effectiveness factor, o is the Thiele 
modulus and the detailed definitions of the correction factor  and the normalised 
Thiele modulus o∗ were summarised in Appendix E. Figure 4.12 confirms that the 
smallest particles used at each temperature were all in the kinetically-controlled regime 
(Regime I), because their κeff was close to unity. As both the temperature and the 
particle size increase, the effectiveness factor drops, indicating a growing intraparticle 
Chapter 4. Using an experimentally-determined model of the evolution of pore structure for the 
gasification of chars by CO2 
 
- 95 - 
mass transfer limitation to the rate of reaction (Regime II). As the diffusional flux 
increases during reaction due to growing pores, the effectiveness factor will gradually 
increase with conversion. To visualise the profiles of conversion, gas concentration, 
pressure and temperature and compare the model results in different regimes, three 
experiments of the activated carbon particles were selected for further simulation study: 
i) 0.36 – 0.43 mm dia. particles at 1173 K, κeff = 0.97 (Regime I); ii) 0.71 – 1.25 mm 
dia. particles at 1223 K, κeff = 0.85 (Regime II); iii) 1.70 – 2.36 mm dia. particles at 
1273 K, κeff = 0.51 (well within Regime II). 
4.5.3 Local conversion 
Figure 4.13 shows the simulated profiles of local conversion vs. dimensionless 
radius for the three experiments selected in Figure 4.12(b), where the gradient of the 
conversion profile becomes steeper in particles experiencing severer intraparticle mass 
transfer limitation, as expected. Moving from a) to c), the initial gradient becomes 
steeper when the effectiveness factor is lower. As the overall conversion increases, the 
resistance to intraparticle mass transfer falls because of the opening and coalescence of 
pores, hence the gradient of conversion gradually reduces. Plot b) shows that even when 
the effectiveness factor is as high as 0.85, there is a difference of 0.2 – 0.3 in conversion 
between the surface and the centre of the particle. 
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Figure 4.13 Local conversion profile of three different sizes of activated carbon particles 
gasified by 30 vol% CO2 balance N2 at various temperature. 
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4.5.4 Gas concentration and total fluxes 
 
Figure 4.14 Model predicted profiles of gas concentration and total flux of activated carbon 
particles gasified by 30 vol% CO2 balance N2. Radius 0 – 1 is inside the particle; radius > 1 is 
outside the particle. A positive value of flux means the direction of the flux is pointing outwards 
from the centre, and a negative value means the flux is directed inwards. 
Figure 4.14 shows three sets of simulations of the gas concentration and total 
fluxes with radial distance from the centre of the particle at different overall 
conversions. Moving vertically from a) to e), the initial gradient in concentration of gas 
becomes steeper, meaning that the internal mass transfer limitation is severer for bigger 
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particles at higher temperature. At the start of the reaction (X < ~ 0.2), the pores open 
up, the porosity increases and reactive surface area grows. Thus, the rate of carbon 
gasification increases, which reduces the concentration of CO2 and increases that of CO. 
The total fluxes of CO2 and CO increase as a result of the higher gasification rate. As 
conversion increases (X > ~ 0.2), the pores start to coalesce with each other and the 
reactive surface area falls. The rate of reaction also drops, resulting in decreases in total 
fluxes. The concentration of CO2 then increases while that of CO drops. Similar trends 
can also be observed for pressure and temperature variation, discussed in section 4.5.6. 
Moving vertically from plot a) to e), the figure also shows that the boundary 
layer thickness relative to the particle diameter ± ⁄  reduces: a) ~ 2.12; b) ~ 1.36; c) ~ 
0.83. This is because the ShEMCD, appeared in Eq. (3-31) in Chapter 3, is proportional to 
rp
0.48/T0.5, where the temperature dependence comes from the diffusivity QS,&®, and the 
large increase in rp has dominated over the influence of the relatively small change in T. 
In addition, the gradient of external gas concentration increases as the effectiveness 
factor reduces as expected. 
4.5.5 Change in particle diameter 
 
Figure 4.15 Model predicted change of particle diameter for three different sizes of activated 
carbon particles gasified by 30 vol% CO2 balance N2 at various temperature. 
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Changes in particle diameter with conversion, calculated from Eq. (4-15), are 
shown in Figure 4.15. They are compared with the curve for a shrinking core model, 
where U U,⁄ = "1 − #W$F ®⁄ . The highlighted area in the figure shows that all three 
cases had some degree of shrinking core behaviour when conversion was low. The 
particle of activated carbon, 1.70 – 2.36 mm dia., at 1273 K displays the shrinking core 
behaviour up to 30% conversion while the two other cases diverge from the shrinking 
core curve after a conversion of 10%. As conversion increases and pores open up, the 
gas concentation gradient within the particle flattens and the rate of particle shrinking 
reduces. At high conversions ~ 0.8, the rate of particle shrinking further reduces as 
indicated in the figure. 
It has been suggested that a carbon particle would start to shrink when the 
porosity at the surface reached ~ 0.8 during combustion in air (Gavalas, 1980). This 
corresponds to a conversion of ~ 0.7 at the particle surface for activated carbon 
particles. However, Figure 4.15 shows that all three particles start to shrink at the 
beginning of gasification. Looking at the conversion profiles in Figure 4.13, none of the 
three simulations gave such a high conversion as 0.7 at the surface when gasification 
had just started. 
4.5.6 Pressure and temperature variation 
Figure 4.16 shows the predicted profiles of pressure for the three sets of 
simulations, calculated using Eq. (3-3) of the CPIM model in chapter 3. As the rate of 
reaction passes through a maximum at about 15% – 20% conversion, the pressure 
profile reached a maximum as shown in the figure. However, the effects are slight and 
would be undetectable, experimentally. The magnitude of the difference in total 
pressure between the inside of a particle and the outside is small, e.g. a maximum ~ 
14% of the bulk pressure for activated carbon gasified at 1273 K and 30% CO2. 
Since the gasification of carbon with CO2 is endothermic, the temperature inside 
the particle will always be lower than the outside. The differences in temperature 
between the bulk and the centre of the particle increased with increase in particle sizes 
and temperature as the influence of intraparticle mass transfer became more significant, 
but the overall magnitude was very small.  The model predicted a maximum 
temperature difference of ~ 2°C for activated carbon gasified at 1273 K and 30% CO2.  
This value is in line with the conclusion by Scott (2004) that the temperature difference 
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between the particle and the bed was < 4°C, when a reactive char was gasified at 1273 
K in 100% CO2. In addition, the model showed that the temperature gradient across the 
particle was small, which also agrees with the isothermal assumption used in many 
gasification studies. 
 
Figure 4.16 Model predicted pressure profiles for three different sizes of activated carbon 
particles gasified by 30 vol% CO2 balance N2 at various temperature. 
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4.6 Conclusions 
It has been proposed that a simple arbitrary function f(X), determined from 
experimental measurements of rate vs. conversion in the kinetically-controlled regime, 
could be used in place of mathematical pore models, to describe the evolution of pore 
structure during a reaction influenced by intra-particle gas mass transfer. The reaction 
and diffusion model developed in Chapter 3 using the Cylindrical Pore Interpolation 
Model for intraparticle mass transfer, the Stefan-Maxwell equations for external mass 
transfer and the equations of energy were applied here together with Ergun’s kinetic rate 
equation to test the applicability to the gasification of char particles with CO2.  
Two different fuel particles were used in the experiments, where the lignite 
chars were ~ 10 times more reactive than the activated carbon particles even though the 
latter had a pore area ~ 5 times bigger than the former. The results show that for the 
gasification of chars, the f(X) predicts the rate of reaction of particles of various sizes 
well, all being at the same temperature. However, for chars and gasification at least, an 
f(X) evaluated at one temperature does not predict experimental measurements perfectly 
at other temperatures, possibly because there are contributions from multiple types of 
active sites within the particles. Heat treatment was applied to the lignite char particles 
in order to eliminate the effect of different active sites, which enabled a better fitting 
between the model and the experiments across different temperatures. Hence, the 
application of the f(X) function across temperature did seem to be affected by the 
multiple types of active sites during char gasification.  
The significance of this research is that the f(X) hypothesis presents a simple 
solution for modelling the evolution of pore structures during reactions of particles. 
Instead of using complicated mathematical pore models, one could determine the f(X) 
from the experiments used for kinetic studies. This idea could be further applied to 
many other gas-solid reactions that involve change of pore structures during reactions. 
However, one needs to be aware that the presence of multiple types of active sites could 
lead to incorrect predictions (multiple sites are also not reflected in most published pore 
models). 
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Chapter 5 Using an experimentally-
determined model of the evolution of pore 
structure for the calcination of cycled 
limestones 
5.1 Introduction 
In Chapter 4, it was concluded that the application of the f(X) concept to the 
gasification of chars by CO2 suffered the complication of there being multiple types of 
active sites for adsorption on the surface of char so that a single f(X) determined from 
experimental measurements at a low temperature was unable to fit satisfactorily to all 
the measurements made at a substantially higher temperature. Accordingly, to 
investigate the basic hypothesis that a gas-solid reaction can be characterised by r = 
g(Ci, T, P) × f(X), it is important to identify a solid which is unlikely to contain sites 
which vary in relative activity with temperature. In addition, one important class of non-
catalytic gas – solid reactions not touched on yet is where a solid product is laid down in 
the pores. The conversion of calcium carbonate to calcium oxide via calcination 
reaction does not involve gas adsorption as a rate-controlling process and the product 
CaO will build up in the newly formed pores, thus calcination of limestone is a potential 
candidate for the study. Of course, virgin limestone (CaCO3) is almost non-porous, and 
the calcination reaction usually follows the Shrinking Core Mechanism (SCM) (Dennis 
& Hayhurst, 1987; Garcı ́a-Labiano et al., 2002), unsuitable for the application of the 
f(X) concept. However, limestones which have been successively calcined to CaO and 
carbonated in CO2 back to CaCO3 many times, present a different type of porous solid, 
which can be described by the Continuous Reaction Model (CRM). Such particles are 
created when raw limestone particles have been subjected to a history of cycling 
between the calcined and carbonated states in a fluidised bed or a fixed bed reactor. This 
typically would occur when using such Ca-based materials for removing CO2 from the 
flue gas of plants such as those producing electricity, cement or steel in proposed 
schemes for carbon capture and storage. In those cases, the recarbonation stage is never 
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complete and so after many cycles, the starting, carbonated material is, in fact, quite 
porous and so provides an appropriate candidate for testing the f(X) hypothesis.  
The study in this chapter was therefore to examine if the f(X) concept could be 
applied to such a type of reactions, where the solid product was formed in the pores 
using calcination as an example for different particle sizes and over a range of 
temperatures. In addition, the evolution of the pore structure during calcination of 
limestone particles will be different compared to the gasification of chars. A success in 
modelling the calcination of limestone with the reaction and diffusion model developed 
earlier would significantly expand the potential application of the model. The content of 
this chapter has been published (Dai et al., 2016b). 
5.2 Experimental methods 
5.2.1 Materials 
The gases used in the experiments were N2 (≥ 99.9 vol%, oxygen ≤ 2 ppmv) and 
CO2 ( ≥ 99.8 vol%). All gases were supplied by either BOC or Air Liquide. Natural, 
uncrushed silica sand (fraction C, David Ball Group plc., dry), sieved to 355 – 425 μm, 
was used as a fluidised bed material. The density of the non-porous sand particles was ~ 
2690 kg m-3. Two types of limestone particles were used: (i) a Spanish limestone 
(Compostilla) after 8 cycles of calcination and carbonation, and (ii) a British limestone 
(Purbeck) after 6 such cycles. The chemical compositions of the corresponding virgin 
limestones are shown in Table 5.1. The cycling of the limestone particles was conducted 
in a bed of sand fluidised by 15 vol% CO2 balance N2 at 1 bar. The limestone particles 
were calcined at 1173 K for 10 minutes and then carbonated at 923 K for 10 minutes. 
Here, the temperature at which a partial pressure of CO2 of 0.15 bar was in 
thermodynamic equilibrium with a mixture of CaO and CaCO3 was calculated to be 
1053 K (Barin & Platzki, 1995). The resulting carbonated particles were cooled in a 
desiccator and then were sieved from the sand. Two sieve size fractions were used in the 
experiments for each type of limestone: 710 – 850 µm and 1400 – 1700 µm. These sizes 
were selected in order to recover the cycled particles effectively from the sand and to 
compare the theoretical predications across different particle sizes. The number of 
cycles was chosen so that the conversion of CaO of the limestone during a particular 
cycle was close to that of the previous cycle, as shown in Figure 5.1, but not so many 
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that the pore area and volume had been markedly destroyed by sintering. After cycling, 
the internal pores of the limestone, even at the start in the fully-carbonated state, could 
be macro-pores (> 50 nm) so that the calcination probably occurred continuously 
throughout the entire particle if it was not limited by heat transfer. 
Table 5.1 Composition of the fresh limestones in wt%. 
 Ca Fe Mg Al K Mn Si S Zr Ti 
Compostilla  89.7 2.5 0.76 0.16 0.46 0 0.07 0 0 0.37 
Purbeck 97.67 0.49 0.61 0.21 0.09 0.14 0.65 0.11 0.05 0 
 
 
Figure 5.1 The conversion of CaO during the cycling of 710 – 850 μm dia. particles of 
Compostilla and Purbeck limestones. The error bar corresponded to the 95% confidence interval 
from a t-distribution based on five repeated measurements. 
 
5.2.2 Fluidised bed experiments 
Batch experiments were performed in the fluidised bed described in Chapter 2. 
In an experiment, the reactor was filled with 20 ml of silica sand and heated to the 
desired temperature, viz. 1023 – 1173 K. For calcination, the fluidising gas was 100 
mol% N2. The total volumetric flowrate was 80 mL s-1 (STP), giving U/Umf ~ 6.3 – 7.9, 
with U being the superficial velocity at the temperature of the bed and Umf being the 
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value at incipient fluidisation predicted from the correlation of Wen & Yu (1966). From 
experimental measurements using different sample masses, a sample mass of 0.30 g 
limestone added to the bed was chosen to avoid complications arising from mass 
transfer between the bubble and the particulate phases. Each experiment was repeated at 
least 3 times. To ensure complete calcination of the limestones, the experiment was 
terminated 10 seconds after the measured concentration of CO2 of the off-gas had 
returned to zero. 
 
Figure 5.2 Measurements of CO2 mole fraction during calcination of cycled limestones at 
atmospheric pressure: a) Compostilla 0.71 – 0.85 mm at 1173 K; b) Purbeck 0.71 – 0.85 mm at 
1173 K.  
Figure 5.2 shows the raw measurements of CO2 mole fraction in the off-gas 
during the calcination of cycled Compostilla (plot a) and Purbeck limestone particles 
(plot b) in a bed of silica sand fluidised by pure N2. The figure suggests that the 
calcination of Compostilla at 1173 K was completed after ~ 50 s while Purbeck at 1173 
K finished calcining after 35 s. The peak concentration of CO2 from Compostilla was 
about half that of Purbeck, hence the reactivity of Compostilla was significantly less 
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than that of Purbeck. The equilibrium partial pressure of CO2 at 1173 K is about 1.087 
bar, so the concentration driving force 
 
.^⁄ < 5%. Hence this confirms that the 
fluidised bed was close to a differential reactor, and it is reasonable to use 0% CO2 as 
the bulk concentration in the model. 
The overall rate of production of CO2 from calcination in s-1 is U# U9⁄ =2>à-ñfMò,-ñf − >à OMò,O3 2>à-ñfMò,-ñf − >à OMò,O3U9 . The parameters >à-ñf and >à O are the total molar flows leaving and entering the reactor at the exit and entrance 
conditions, where >à-ñf21 − Mò,-ñf3 = >à O21 − Mò,O3 from the mass balance of 
nitrogen. The raw measurements were deconvoluted to account for the mixing and delay 
in the sampling line using the method described in Appendix D, where the mean 
residence times for the two CSTRs were found to be 3.38 s and 3.39 s. 
5.3 Theoretical methods 
5.3.1 Modelling the kinetics of calcination 
The model described in this study assumed that the limestone particle was 
spherical and was calcined in a bed of silica sand fluidised by a stream of N2. The only 
reaction occurring was: 
CaCO®"$ ⇌ CaO"$ + CO&"n$          ∆Y&É© = +178 kJ mol[F (5-I) 
The assumptions made in Chapter 3 when developing the general reaction and diffusion 
model also applied here, except that the temperature of the particle surface was assumed 
to be close to the temperature of the bulk as the heat transfer coefficient between the 
particulate phase of the fluidised bed and the surface of the particle was large. Since 
outside the solid particle, the convective heat transfer in a bubbling fluidised bed 
involved packets of sand particles coming into contact with the particle for a short time, 
then quickly moving away to be replaced by other packets. Following the study of 
gasification of chars, the evolution of the internal morphology of a limestone particle 
during calcination was hypothesised to be described by an arbitrary f(X). The X here 
corresponds to the local conversion of the maximum available CaCO3 content within 
the particle after cycling, where the CaCO3 formed during the last carbonation stage was 
assumed to be uniformly distributed across the particle. The assumption of uniformly 
distributed CaCO3 across the particle will be discussed further in section 5.5.1. The 
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reason for such a definition of conversion was that the limestone particle was only 
partially carbonated and the maximum CO2 uptake decayed gradually with the number 
of cycles, as shown in Figure 5.1. As assumed in Chapter 4, the f(X) function was taken 
to be capable of being applied at any point in a particle and to be independent of 
temperature. The value of f(X) changes with the local conversion, which will vary with 
distance from the centre of the particle. Similar to gasification, the form of f(X) should 
be obtainable from a plot of the experimental rate of calcination against conversion in 
experiments in which the rate is controlled solely by intrinsic chemical kinetics. 
The intrinsic rate of reaction per unit of surface area for reaction (5-I) was given 
by Dennis & Hayhurst (1987): 
−_4 = (] − (WN = (] − (W 
 c⁄  (5-2) 
where (] is the rate constant of the calcination reaction (here, in mol m-2 s-1), (W is the 
rate constant of the reverse, carbonation reaction (m s-1) and 
  is the partial pressure 
of CO2. At equilibrium, the rate _4 = 0, so that (] − (W 
.^ c⁄ = 0. Therefore, the 
ratio of rate constants is: 
(] (W⁄ = 
.^ c⁄  (5-3) 
Substituting Eq. (5-3) into Eq. (5-2), 
−_4 = (]21 − 
 
.^⁄ 3 (5-4) 
Here 
.^  is the equilibrium partial pressure of CO2 at local conditions. Barin & Platzki 
(1995) gave the following expression for 
.^ : 

.^ = 4.083 × 10ªexp"−20474 ⁄ $ (5-5) 
The rate constant kc was assumed to be an activated quantity, thus 
(] = Λhi exp"−?X c⁄ $. (5-6) 
The rate of reaction per unit volume of particle, `M , is therefore given by: 
`M = _4K,,m.,!"#$ = −(]21 − 
 
.^⁄ 3K,,m.,!"#$ (5-7) 
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where the parameter K,, is the initial pore area per unit mass and m., is the initial bulk 
density of the particles. 
A pseudo-steady mass balance over a spherical shell at radius r gives the flux 
equations for CO2 and N2: 
1& UU "&:$ = `: = −rO`M = −rO_4K,,m.,!"#$           = 1, 2 (5-8) 
where Jn is the total flux (i.e. diffusive flux + advective flux) of species n. The 
parameter `O is the net rate of reaction of species n, in mol m-3 s-1, which is positive for 
a net gain and negative for a net loss in species, and rO is the stoichiometric coefficient 
of species n in reaction (5-I). The subscripts 1 and 2 are used to represent, respectively, 
CO2 and N2. A material balance on carbon across a differential element gives the 
variation of local conversion of CaCO3 with respect to time: 
U#U9 · = −<Ù  `Mm., = (]K,,<Ù21 − 
 
.^⁄ 3!"#$ (5-9) 
with initial condition  
9 = 0:     #"$ = 0   for all  ∈ [0, ] (5-10) 
where the particle centre is at r = 0 and the particle surface at r = rp. Since K,,<Ù is 
the initial pore area per unit volume of particle and is constant, the product of the 
parameters (]K,,<Ù can be replaced by a modified rate constant (]'  to simplify the 
equation: 
U#U9 · = (]' 21 − 
 
.^⁄ 3!"#$ (]' = ΛhiK,,<Ù exp"−?X c⁄ $ = ( exp"−?X c⁄ $ 
(5-11) 
Here the activation energy of (]'  is the same as that of (], but the pre-exponential 
becomes ( = ΛhiK,,<Ù. 
5.3.2 Evolution of pore structure 
The porosity, ε, changes with the local conversion of CaCO3, X, during reaction 
and can be derived from the volume balance equation for a thin cylindrical shell inside 
the particle: 
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l"#$ =  l + #"1 − l$21 − dE,Ù dE,Ù⁄ 3 (5-12) 
where dE,Ù and dE,Ù are the molar volume of the non-porous CaO and CaCO3 
solids. In terms of the pore diameter, it was assumed that the particle has uniform 
cylindrical pores of initial diameter U-.,; the corresponding initial porosity of the 
particle was l.  From Eq. (3-17) to (3-19) in Chapter 3, the pore diameter at some time 
when the local conversion is X is:  
-. = -.,l + #"1 − l$21 − dR,Ù dR,Ù⁄ 3 l  (5-13) 
In terms of the particle size, Wu et al. (2010) reported only 2 – 7% reduction in 
particle diameter after 10 calcination – carbonation cycles. Hence the overall particle 
size was assumed to be constant during calcination. Any change of the solid volume due 
to the difference in molar volumes of CaCO3 and CaO was taken only to affect the pore 
structure parameters e.g. porosity and pore diameter. 
5.4 Results 
5.4.1 Characterisation of the limestone particles 
The measurements from the Brunauer–Emmett–Teller (BET) analysis and 
mercury intrusion porosimetry of the carbonated limestone particles are shown in Table 
5.2 and Table 5.3, both of which produce a pore size distribution of the particles shown 
in Figure 5.3. It is clear that these cycled particles have substantial pore volume, even in 
their fully-carbonated state, in contrast to virgin limestone, which has negligible 
porosity. For both the Compostilla and the Purbeck limestone particles, most of the pore 
volume measured seemed to come from pores bigger than 200 nm, although the 
particles may still have considerable unmeasured pore volume in the micro-porous 
range (dpore < 2 nm), because the BET and mercury intrusion analyser were unable to 
measure pore diameters smaller than 1.7 nm and 3 nm respectively. In the subsequent 
modelling, the mean pore diameter dpore = 4V/A from mercury porosimetry was used as 
the initial pore diameter of the particles, where V is the total intrusion volume and A is 
the total pore area. 
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Table 5.2 BET analysis of the 0.71 – 0.85 mm dia. carbonated limestone particles. 
Limestone BET area / 
m2 g-1 
BJH volume / 
cm3 g-1 
BJH adsorption mean pore 
diameter / nm 
Compostilla, 8 cycles 0.33 7.2×10-3 72 
Purbeck, 6 cycles 1.58 9.9×10-3 21 
 
Table 5.3 Mercury porosimetry of the 0.71 – 0.85 mm dia. carbonated limestone particles. 
Limestone Porosity Total 
pore 
area / 
m2 g-1 
Total 
intrusion 
volume / 
cm3 g-1 
Mean pore 
diameter / 
nm 
Bulk 
density / 
kg m-3 
Tortuosity 
factor / - 
Compostilla, 
8 cycles 
0.16 0.46 0.07 608 2235 2.8 
Purbeck, 6 
cycles 
0.34 3.88 0.19 196 1811 2.1 
 
 
Figure 5.3 Pore size distributions of the 8 cycles Compostilla and the 6 cycles Purbeck 
carbonated limestone particles from BJH adsorption analysis and mercury porosimetry. 
Optical microscope was used to determine the particle size distribution of the 
0.71 – 0.85 mm diameter Purbeck limestones shown in Figure 5.4, which gives a 
relative narrow volume weighted distribution above 600 μm in plot (b) and a number 
weighted distribution for fine particles less than 10 μm in plot (a). Similar to the finding 
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in chapter 4, Table 4.4 shows that the geometric mean diameter of the sieve sizes can be 
a reasonably close estimate of the product of the Sauter mean diameter and the 
circularity of the particle, D(3,2) × ü. Hence for particles of the Compostilla limestone 
and the 1.40 – 1.70 mm dia. Purbeck limestone, which did not have the particle size 
distribution measurements, the geometric mean diameter could be used for the mean 
diameter in the model. 
Table 5.4 Summary of particle size distribution for the Purbeck limestone. 
Parameter 0.71 – 0.85 mm 
10% of total volume below this size, D10 / µm 772 
50% of total volume below this size, D50 / µm 924 
90% of total volume below this size, D90 / µm 1097 
Sauter mean diameter, D(3,2) / µm 959 
Average high sensitivity circularity, ü / - 0.88 
D(3,2) × ü / µm 844 
Geometric mean diameter used in model, dp / µm 777 
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Figure 5.4 Particle size distribution measurements of the 0.71 – 0.85 mm dia. Purbeck 6 cycles 
limestone particle: (a) distribution based on the number of particles and (b) distribution based 
on the volume of the particles. 
5.4.2Kinetic parameters 
The Arrhenius coefficients and activation energies of the kinetic parameter (]'  in 
Eq. (5-I), were determined from the initial rate extrapolated from the experimental 
measurements, as shown in Figure 5.5. At the start of reaction, the particle conversion is 
0 and f(X) = 1, and Eq. (3-I) can be rearranged 
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Ln"U# U9⁄ |f$ = − ?X c⁄ + Ln"($ + Ln21 − 
 
.^⁄ 3 (5-14) 
If the value of 
 
.^⁄ is much smaller than 1, which was the case in the experiments 
used here, then 
Ln"U# U9⁄ |f$ = Ln"(]' $ = − ?X c⁄ + Ln"($ (5-15) 
A plot of Ln"U# U9⁄ |f$ vs. 1/ should therefore yield the activation energy ?X and 
the Arrhenius coefficient (. The results of the kinetic parameters of the limestones 
used here are shown in Table 5.5. 
In the subsequent Figure 5.6 and Figure 5.9 in section 5.4.3 and 5.4.4, the 
linearity of the plots show that the calcination of the limestone was indeed controlled by 
chemical kinetics at low temperature, hence confirming the use of Eq. (5-15) for the 
determination of the kinetic parameters. The errors associated with the kinetic 
parameters mainly come from extrapolating the initial rates from measurements, and 
using a limited number of measurements for linear regression analysis. The 95% 
confidence intervals of the kinetic parameters are shown in Figure 5.6 and Figure 5.9. 
 
Figure 5.5 Determining initial rate of reaction using linear extrapolation (--) on rate and 
conversion measurements (×) of Compostilla 0.71 – 0.85 mm particles at 1073 K. 
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Table 5.5 Kinetic parameters of the calcination of 0.71 – 0.85 mm dia. limestone particles.  
Limestone particles ( / s-1 ?X / kJ mol-1 
Compostilla, 8 cycles 1.72×107 175 ± 12 
Purbeck, 6 cycles 6.50×107 186 ± 5 
 
5.4.3 Calcination of Compostilla limestone particles 
 
Figure 5.6 Determining the kinetic parameters of Compostilla limestone particles. The 
measurements were obtained from the calcination of the limestone particles at 1023 K (0.71 – 
0.85 mm only), 1073 K, 1123 K, 1148 K and 1173 K. The values of the kinetic parameters of 
the rate constant are shown with 95% confidence interval (C.I.). 
Particles of Compostilla limestone with diameters of 0.71 – 0.85 mm and 1.40 – 
1.70 mm were calcined at 1023 K (0.71 – 0.85 mm only), 1073 K, 1123 K, 1148 K and 
1173 K. Using the initial rate extrapolated to zero conversion, Figure 5.6 shows that the 
plot of Ln"U#/U9$ vs. 1 ⁄  of each particle forms straight lines. The values of the 
kinetic parameters in Eq. (3-I) were determined from a linear regression analysis, 
yielding an activation energy of ?X = 175 ± 12 kJ/mol and ( = 1.72 × 10ª s[F for 
0.71 – 0.85 mm dia. particles. For 1.40 – 1.70 mm dia. particles, the reaction rates were 
lower than those of 0.71 – 0.85 mm dia. particles and the apparent activation energy 
was 166 ± 14 kJ/mol, representing a 9 kJ/mol reduction but within the error band of 
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±12 kJ/mol. It is expected that the gradient of a best fit line would approach one half 
its intrinsic value if the reaction rate were significantly limited by intraparticle mass 
transfer (Levenspiel, 1999). However, this is not observed in Figure 5.6. In literature, 
the reported activation energy of calcination was between 160 and 210 kJ/mol (Fuertes 
et al., 1993; Borgwardt, 1985; Dennis & Hayhurst, 1987; Garcı ́a-Labiano et al., 2002; 
Murthy et al., 1994). Hence, the activation energy of 175 ± 12  kJ/mol are sufficiently 
high to suggest that the reactions could not have been in mass transfer limited regime. It 
can be concluded that (i) the calcination of 0.71 – 0.85 mm dia. particles was controlled 
by intrinsic chemical kinetics; (ii) the reactions of 1.40 – 1.70 mm dia. particles were 
possibly affected by intraparticle mass transfer but not severely so. 
 
Figure 5.7 Determining the function f(X) from the plot of normalised rate of calcination vs. 
conversion measurement of 0.71 – 0.85 mm dia. Compostilla at 1073 K. 
The form of f(X) needs to be determined from experimental measurements of 
calcination rate vs. conversion conducted under conditions where the reaction is 
controlled by intrinsic chemical kinetics. Owing to the low rate of reaction at 1023 K, 
the percentage fluctuation caused by random noise in the measurements of CO2 
concentration was very large. The resulting f(X) was not a smooth function, as expected. 
However, since experiments at both 1023 K and 1073 K appear to be in the regime of 
chemical kinetic control, as shown in Figure 5.6, the f(X) function was determined from 
the measurements at 1073 K instead. Figure 5.7 shows the plot of f(X), a 6th order 
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polynomial of X, determined from the normalised rate vs. conversion measurements of 
Compostilla limestone of sieve diameter 0.71 – 0.85 mm, calcined at 1073 K. Using this 
f(X), the model was able to fit well the experimental results at 1023 K, as seen in Figure 
5.8(a). This strongly suggests that the f(X) was not merely a fit valid for one particular 
experimental condition. 
 
Figure 5.8 Comparison of model results (lines) with experimental measurements (points) of the 
calcination of Compostilla limestone particles (8 cycles) by 100% N2: a) 0.71 – 0.85 mm; b) 
1.40 – 1.70 mm. The f(X) was determined from the rate vs. conversion measurements of 0.71 – 
0.85 mm particles at 1073 K, and was applied to all cases. 
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Further comparisons between model predictions and experimental measurements 
for Compostilla limestone of 0.71 – 0.85 mm dia. and 1.40 – 1.70 mm dia. are shown in 
Figure 5.8, with generally good agreement being seen between experiment and theory. 
However, the experimental measurements for the 0.71 – 0.85 mm dia. particle at 1173 
K were almost identical to those at 1148 K, which indicates either a severe limitation by 
external mass transfer or an error in deconvolution of the measurements to correct for 
mixing in the sampling line due to the rapidity of the reaction. Figure 5.6 shows that 
even for the larger particles at higher temperature, the rate of reaction was not limited 
by intraparticle mass transfer as the gradients of the two measurements are almost the 
same. Therefore, it can be concluded that the unexpected behaviour of the rate of 0.71 – 
0.85 mm dia. at 1173 K is due to error in deconvolution. 
5.4.4 Calcination of Purbeck limestone particles 
 
Figure 5.9 Determining the kinetic parameters of Purbeck limestone particles. The 
measurements are from calcination of 0.71 – 0.85 mm and 1.40 – 1.70 mm particles at 1023 K, 
1073 K, 1098 K, 1123 K, 1148 K and 1173 K. The gradient of the linear regression line for both 
particles reduced by ~ 50% at 1098 – 1173 K. The values of the kinetic parameters are shown 
with 95% confidence interval (C.I.). 
Experiments with Purbeck limestone were performed using 0.71 – 0.85 mm and 
1.40 – 1.70 mm dia. particles at 1023 K, 1073 K, 1098 K, 1123 K, 1148 K and 1173 K. 
The same kinetic analysis was performed on the experimental measurements and the 
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results are shown in Figure 5.9. A linear regression line of the plot of Ln"U# U9⁄ $ vs. 1/ gives an activation energy ?X = 186 ± 5 kJ/mol and the rate constant ( =6.50 × 10ª s[F, where the activation energy seems in line with the 160 – 210 kJ/mol 
range reported in the literature (Fuertes et al., 1993; Borgwardt, 1985; Dennis & 
Hayhurst, 1987; Garcı ́a-Labiano et al., 2002; Murthy et al., 1994). At 1098 – 1173 K, 
the gradient of the regression lines fitted to the measurements, effectively −?X/c, is 
reduced by about half at T > 1098 K. Hence, this figure suggests that the transition of 
the reaction regime from chemical kinetic control to internal mass transfer control starts 
at ~ 1098 K. Figure 5.9 also shows that the rates of reaction of the 1.40 – 1.70 mm dia. 
particles are lower than those of the 0.71 – 0.85 mm dia. particles; the linear regression 
lines of the 1023 – 1098 K measurements show a 21 kJ/mol decline, larger than the ± 5 
kJ/mol error, in the apparent activation energy, probably owing to a growing influence 
of internal mass transfer limitation for larger particles. At T > 1098 K, the slope of the 
points for the 1.40 – 1.70 mm dia. particles is almost the same as that for the 0.71 – 0.85 
mm particles, suggesting that the reaction becomes limited by mass transfer. 
Furthermore, for the 1.40 – 1.70 mm dia. particles the transition of the reaction regime 
occurs at a temperature lower than that of the 0.71 – 0.85 mm dia. particle, a 
consequence of the increased mass transfer limitation in larger particles. 
Figure 5.10 compares the rates of conversion vs. time from experimental 
measurements (points) with the theory (line) for Purbeck limestone calcined in 100% N2 
at 1023 – 1173 K. Interestingly, the f(X) determined previously from the measurements 
on Compostilla limestone of 0.71 – 0.85 mm dia. at 1073 K, shown in Figure 5.7, was 
successfully applied here for both size fractions of Purbeck limestone. The result shows 
that the model fits perfectly with the experimental measurements even for 
measurements at 1173 K. 
Given the results, it can be concluded that using a constant f(X) across different 
temperatures gives a satisfactory agreement between the model and the measurements 
for both Compostilla and Purbeck limestone. The fact that the f(X) obtained from 
measurements of Compostilla could be successfully applied to the modelling of Purbeck 
suggests that the two limestone particles experienced similar changes of internal 
morphology during calcination. One reason that could explain this is that both particles 
had been periodically cycled several times before the final calcination reaction, which 
could have reduced the effect of initial differences in pore structures thus making the 
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two types of limestone particles more similar in terms of internal morphology. In 
addition, after a number of calcination – carbonation cycles, the reactivity of the 
particles approached an asymptotic value. It might also be the case that the internal pore 
structure had developed into an “asymptotic” stage, where the original variations in pore 
structures between the two limestones had become slight during cycling. 
 
Figure 5.10 Comparison of model results (lines) with experimental measurements (points) of the 
calcination of Purbeck limestone particles (6 cycles) by 100% N2: a) 0.71 – 0.85 mm; b) 1.40 – 
1.70 mm. The f(X) determined from Compostilla 710 – 850 µm particles at 1073 K was used 
here. 
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5.4.5 Effect of pressure on calcination rate 
 
Figure 5.11 Profiles of normalised local pressure and CO2 mole fraction inside the particle from 
simulation result of calcination of 0.71 – 0.85 mm dia. Purbeck limestone at 1 bar and 1148 K in 
pure N2. The radius is normalised by the particle radius, so  ⁄ = 1 is the particle surface. The 
colour bar indicates the conversion of the particle. 
The results presented in this section and the following two were obtained from 
the simulation of the calcination of particles of Purbeck limestone diameter 0.71 – 0.85 
mm dia. which had been cycled 6 times in a fluidised bed at various pressures, 
temperatures and CO2 mole fractions in the bulk. A typical evolution of the intraparticle 
profiles of total pressure and CO2 mole fraction is shown in Figure 5.11, where the 
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profiles flatten as conversion increases. The initial values at the particle centre are 
basically the maximum points on the profiles, which are good indicators of the 
intraparticle gradients of the local pressure and CO2 mole fraction. All the results 
presented here are based on the initial values of the partial pressure of CO2 at particle 
centre, 
| = 2 ∙ 3|. Table 5.6 shows the initial values of |/ 
and | at the particle centre when the bulk is 0% CO2. 
Table 5.6 Simulation results of the initial values of the total pressure and CO2 mole fraction at 
the particle centre for 0% CO2 in the bulk. 
|/  | 
  / bar    / bar  / K 0.1 1.0 2.0 3.0   / K 0.1 1.0 2.0 3.0 
1048 1.57 1.04 1.02 1.01  1048 0.399 0.080 0.048 0.035 
1098 2.48 1.11 1.04 1.02  1098 0.645 0.187 0.115 0.085 
1148 4.47 1.26 1.10 1.05  1148 0.828 0.370 0.244 0.186 
1198 8.42 1.57 1.22 1.12  1198 0.928 0.603 0.446 0.357 
Figure 5.12 shows the initial values of 
| as a function of the bulk 
pressure. At a constant temperature and bulk CO2 mole fraction, higher bulk pressure 
leads to a larger local partial pressure of CO2. Since the equilibrium partial pressure of 
CO2 is fixed at constant temperature, higher local partial pressures result in smaller 
driving forces 2
 − 
|3 which can be seen from the decreasing distance between 
the calculated points and the broken line. Therefore, the calcination rate is reduced at 
high pressure even when the bulk CO2 mole fraction is 0%. This observation has been 
reported in the literature (Dennis & Hayhurst, 1987; Garcı ́a-Labiano et al., 2002). When 
the bulk CO2 mole fraction is high, the local partial pressure could easily exceed the 
equilibrium partial pressure, which means carbonation would occur. 
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Figure 5.12 Simulation results of the initial 
| as a function of the bulk pressure at 
different  and  for the calcination of 0.78 - 0.85 mm dia. Purbeck limestones. The 
bulk pressure is 0.1, 1.0, 2.0 and 3.0 bara and the bulk CO2 mole fractions are 0, 0.3, 0.6 and 
0.9. The equilibrium partial pressure  
  at each temperature is indicated as broken lines. 
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5.4.6 Effect of temperature on calcination rate 
 
Figure 5.13 Simulation results of the initial 
| as a function of 
  at different  and  for the calcination of 0.78 - 0.85 mm dia. Purbeck limestones. The equilibrium partial 
pressure of CO2 is 0.136, 0.330, 0.744 and 1.565 bar and the bulk CO2 mole fractions are 0, 0.3, 
0.6 and 0.9. The temperature at which the 
  is calculated is indicated on the plots. The 
broken lines indicate the level where the local partial pressure 
| equals to the 
equilibrium partial pressure 
 . 
Figure 5.13 shows the initial values of 
| as a function of the equilibrium 
partial pressure of CO2, which varies with temperature according to Eq. (5-5). At a 
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constant pressure and bulk CO2 mole fraction, a higher temperature leads to both a 
larger local partial pressure and a larger equilibrium partial pressure of CO2. However, 
the increase in 
  is greater than the increase in 
| so that the gaps between the 
broken lines and the solid lines widen as temperature increases. It means that the partial 
pressure driving force of the calcination reaction 2
 − 
|3 increases, thus the 
rate of calcination increases with temperature, a fact observed experimentally. 
5.4.7 Effect of CO2 mole fraction on calcination 
Figure 5.14 shows the initial values of 
| as a function of the bulk CO2 
mole fraction. At a constant temperature and pressure, a higher bulk CO2 mole fraction 
leads to larger local partial pressure of CO2 inside the particles, which reduces the 
partial pressure driving force. This effect has also been reported in the literature (Dennis 
& Hayhurst, 1987; Garcı ́a-Labiano et al., 2002). In addition, at higher pressure, the 
increase in 
| with   is much more significant than that at lower pressure, 
while the change of 
| due to change of  is only slightly more than that at 
lower temperature. In the other words, i) high pressure results in a more significant 
effect of  on 
| compared to low pressure; ii) low temperature leads to a slight 
effect of  on 
| compared to high temperature. Also, as the total pressure 
increases, the local partial pressure could become higher than equilibrium partial 
pressure so that no calcination occurs. Those data points above the equilibrium partial 
pressure are not shown in Figure 5.14, which is why some data series only have one 
data point. 
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Figure 5.14 Simulation results of the initial 
| as a function of   at different  
and  for the calcination of 0.78 - 0.85 mm dia. Purbeck limestones. The equilibrium partial 
pressure of CO2 is 0.136, 0.330, 0.744 and 1.565 bar and the bulk CO2 mole fractions are 0, 0.3, 
0.6 and 0.9. The temperature at which the 
  is calculated is indicated on the plots. The 
broken lines indicate the level where the local partial pressure 
| equals to the 
equilibrium partial pressure 
 . 
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5.5 Discussion 
5.5.1 Comparison between the experiment and the model 
The study in this chapter has focused on the calcination of two different 
limestone particles which have been successively calcined and carbonated several times 
prior to the calcination. Comparing the reaction rates of both limestones in Figure 5.6 
and Figure 5.9, the reactivity of Compostilla is slightly lower than that of Purbeck for 
0.71 – 0.85 mm dia. particles. In addition, Table 5.3 and Figure 5.3 show that the mean 
pore diameter of Purbeck limestones is smaller, being ~1/3 that of Compostilla 
limestones. With higher reactivity and smaller pore diameter, Purbeck limestone is 
indeed expected to experience more significant effects of intraparticle mass transfer on 
observed rate of reaction, as shown in Figure 5.6 and Figure 5.9 at higher temperature. 
Experimentally, the observed activation energies for the calcination of cycled, 
carbonated material were reasonably close to values in the literature for the calcination 
of virgin limestones, being 175 ± 12 kJ/mol and 186 ± 5 kJ/mol, respectively, for the 
Compostilla and Purbeck. These values, being close to the standard enthalpy of 
calcination, +178 kJ/mol, suggest that the activation energy for the reverse, carbonation 
reaction is small, being ~ -3 kJ/mol for Compostilla and ~ +8 kJ/mol for Purbeck. Thus, 
the intrinsic rate of carbonation changes little with temperature. Zawadzki & 
Bretsznajder (1935) found that the rate of carbonation varies linearly with the difference 
between the partial pressure of CO2 and its equilibrium value at 328 – 368ºC, which 
suggested that the rate constant was the same for all temperature thus a zero activation 
energy of the carbonation rate. Nitsch (1962) also concluded that the rate of carbonation 
has an activation energy close to zero because the rate versus partial pressure difference 
gave a single linear line for measurements at 800 – 850ºC. The same conclusions were 
also reached by Bhatia & Perlmutter (1983) and Dennis & Hayhurst (1987) for 
carbonation experiments at 823 – 998 K and 1073 – 1248 K respectively. 
One of the assumptions mentioned earlier was that the CaCO3 formed during the 
last carbonation stage was uniformly distributed across the limestone particles. This was 
an important assumption because if CaCO3 did not form uniformly across the particle, 
then the initial porosity and the pore diameter of the carbonated particle could not be 
expected to be uniform anywhere in the particle as suggested by Eq. (5-12) and (5-13) 
when # = 0. Unlike calcination of CaCO3, the carbonation reaction of CaO usually 
becomes limited by the diffusion through the CaCO3 product layer soon after the pore 
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surface is covered with a thin layer of product. During cycling of the limestone 
particles, the carbonation stage occurred at 923 K. Hence for the 710 – 850 μm dia. 
Compostilla after 6 cycles, the maximum Thiele modulus given by the initial rate was 
o|	 = 
® hW ),,u = ~1, where  = 390 × 10[§ m, (WK,,m., = 280 s[F and Q;; = 4.62 × 10[§ m&/s at the carbonation conditions, giving an effectiveness factor 
of ~ 0.8. As carbonation continues, the reaction soon becomes limited by the product 
layer diffusion, which further reduces the Thiele modulus. Thus, the limestone particles 
only experienced limited pore diffusion resistance and was likely to form a uniform 
product layer during the carbonation stage of the cycling at 923 K. In addition, Pacciani 
(2008) analysed particles of 500 – 710 μm dia. virgin limestone calcine being 
carbonated at similar conditions and concluded that CO2 penetrated the whole particle 
and the product CaCO3 built up uniformly across the particle. Therefore, the assumption 
of CaCO3 being uniformly formed across the cycled particles during the carbonation 
stage seems to be fine. 
An interesting result from this study was that the f(X) function determined from 
the measurements on the Compostilla limestone has been applied successfully in 
modelling the conversion of the Purbeck limestone. This implies that the evolution of 
the pore structure of both limestone particles are similar during calcination. One 
hypothetical reason for this observation is related to the cycling process of the 
limestones, where the change of pore structure become more stable as number of cycles 
increases. In fact, a study of the sulphation rate of cycled lime particles showed that 
different limestones followed a very similar conversion vs. time evolution after 50 
cycles (Arias et al., 2012), which indicates that the cycling process does affect how the 
pore structure evolves with conversion. 
5.5.2 The effect of pressure and concentration 
The isobaric assumption within a porous particle has often been taken in order to 
simplify the model of intraparticle diffusion. However, Table 5.6 shows that the 
variation of total pressure needs to be considered for a more rigorous description of 
diffusion within the particle. For example, at 1198 K and atmospheric pressure, the 
initial total pressure at the particle centre can be 1.57 times of the bulk pressure. 
Therefore, the intraparticle pressure gradient should not be neglected without good 
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justification, especially at low pressure or high temperature. This is in general 
agreement with the conclusions of Khinast et al. (1996). However, the variation of total 
pressure has been found to be more significant than that reported by Khinast et al. 
(1996), possibly owing to their use of the Dusty Gas Model. 
 
Figure 5.15 Plot of 1 − 
| 
  vs. 
 
  for simulations at 0.1 – 3.0 bara and 
1048 – 1198 K. The broken line indicates the ideal case where 
| = 
. 
Figure 5.15 shows a plot of the normalised partial pressure driving force 21 − 
| 
 3 against normalised bulk partial pressure 
 
 . Even though 
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the points produced by the model show a curved trend, a straight line of 21 −
| 
 3 = ó21 − 
 
 3, where m is the intercept at y-axis, would have 
fitted them well. Khinast et al. (1996) proposed an exponentially-decaying function exp"− 
 
 $ with  = 11.92 to describe how the 
 influences the driving 
force when 0 <  ≤ 0.065 at 1053 K and 1 bara. Other workers have used a power 
law function 21 − 
 
 3V with b ranging from 1 to 2 (Rao et al., 1989; Silcox et 
al., 1989; Fuertes et al., 1993; Hu & Scaroni, 1996). It should be noted that neither the 
exponentially-decaying function nor the power law function matches the results in 
Figure 5.15, because the shape of both functions is different from that of the simulated 
results. 
Interestingly, all the data points at different temperatures cluster closely around a 
single line, indicating that the effect of 
 on the partial pressure driving force is 
almost unchanged at different temperatures. Figure 5.15 confirms that higher 
 
leads to lower normalised driving force 21 − 
| 
 3 hence lower calcination 
rate. In addition, the trend shows that the driving force 21 − 
| 
 3 is always 
smaller than, and diverging from, the line representing 21 − 
 
 3 as bulk 
pressure increases. This behaviour was observed by Dennis & Hayhurst (1987), where 
they proposed that the rate of calcination, per unit area of reacting interface, _4, was 
controlled by intrinsic chemical kinetics at the interface, and not by diffusional 
resistances to flow through the porous oxide. Accordingly, 
_4 = (W2
.^ − 
 − Û3 (5-16) 
where 
.^  is the equilibrium partial pressure of CO2 at the temperature concerned,  is the bulk pressure of the system and (W is the intrinsic rate constant for the 
carbonation reaction (viz. the reverse of reaction (5-I)) per unit area of interface. The 
term Û, where Û was a constant at a given temperature, was an empirical factor 
introduced to account for the fact that, when 
 = 0, the rate of calcination was still 
affected by the overall pressure of the system, as if a fictitious mole fraction, Û, existed 
at the reaction interface. They concluded that very complex processes must occur at the 
interface. 
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Although, Dennis & Hayhurst (1987) reported that the calcination of their fresh 
limestones followed a shrinking core mechanism and was kinetically controlled, it was 
likely that the limestones experienced some degree of intraparticle mass transfer 
limitation. Hence the partial pressure of CO2 at the surface of the unreacted core of 
limestone was greater than in bulk partial pressure, as a result of the intraparticle 
gradient of the CO2 partial pressure across the porous product layer of CaO. In addition, 
the reaction zone inside the limestone was very likely to be wider than a sharp interface, 
especially if there were pores inside the unreacted core allowing CO2 to escape. Hence 
the unreacted core of the limestone would actually experience a partial pressure of CO2 
very close to the equilibrium partial pressure. Therefore, it seems clear that the spurious 
partial pressure of CO2, Û, introduced by Dennis & Hayhurst (1987) represents an 
overall average value over the entire particle during the period of the calcination of the 
particle. The value of Û can be calculated by 
Û = 19] Ç Ç 3 &2
| − 
3U 
F
 
fi
 U9 (5-17) 
where   is the dimensionless radius and 9] is the time for complete calcination of the 
particle. Further simulations based on the particle parameters reported by Dennis & 
Hayhurst (1987) were run to estimate the values of Û, the results of which are shown in 
Table 5.7 and Figure 5.16. At low temperature, the value of Û from the simulation is 
very close to that reported by Dennis & Hayhurst (1987). As the temperature increases, 
the simulation predicts somewhat larger values of Û. In addition, there is a highly linear 
trend shown in Figure 5.16 between the value of Û estimated from the simulation and 
that obtained by Dennis & Hayhurst (1987). 
Table 5.7 Comparison of the values of Û. 
 / K 
CO2eq  / bar Û from Dennis & Hayhurst (1987) Û from simulation 
1098 0.330 0.07 0.09 
1148 0.744 0.10 0.18 
1198 1.565 0.17 0.29 
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Figure 5.16 Comparing the values of Û estimated from simulation results using Eq. (5-17) and 
that of Dennis & Hayhurst (1987). A linear regression of the two sets of values gives a high 
goodness of fit ~ 0.97.  
The values of Û reported by Dennis & Hayhurst (1987) were originally obtained 
by plotting 2
 − 
3 ⁄  against  9]⁄ . This followed from the 
justification that the reaction occurred as a shrinking core mechanism and was 
kinetically controlled, giving 
94 = (WdE,Ù 
 − 
 − Û (5-18) 
where dE,Ù is the molar volume of CaCO3. The general increase in the values of Û 
with temperature, shown in Table 5.7, agrees with the experimental observation by 
Dennis & Hayhurst (1987), who noted that Û depends only on the temperature of the 
fluidised bed reactor. While the current model predicts some changes in Û when CO2bulk 
and  are changed, the effects of CO2bulk are small compared to the effects of 
temperature and pressure. It should be noted that the vertical distance between the data 
points and the broken line is significantly smaller at high 
CO2bulk in Figure 5.15, which 
indicates that the values of Û reduce considerably with increasing 
CO2bulk. This is in line 
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with the observations of Dennis & Hayhurst (1987) who found departures from their 
proposed model when the experimental values of 
CO2bulk were large.  
Garcı ́a-Labiano et al. (2002) attempted to explain the effect of CO2 
concentration by using the Freundlich isotherm and a modified Langmuir-Hinshelwood 
adsorption model for the rate expression. To explain the effects of bulk pressure, they 
modified the equation for molecular diffusivity by Fuller et al. (1966) by introducing a 
fitting parameter, m, to the pressure term. While there was fair agreement with their 
experimental results, there was little justification given towards the physical 
interpretation of the fitting parameters, introduced in their rate expressions and models 
diffusivity. While it is recognised that complex processes occur at the calcination 
interface, it has been demonstrated that by using a more rigorous description of reaction 
and diffusion through the porous particle, the experimentally observed effects of CO2 
mole fraction and bulk pressure observations can, at least to some extent, be explained. 
5.5.3 Sensitivity of the apparent f(X) 
Assuming the intrinsic f(X) function is known, then an apparent f(X) function 
could be determined from the plot of the normalised rate against conversion at any 
condition. The apparent f(X) function should be the same as the intrinsic f(X) function 
when the reaction is kinetically controlled, whereas it will be different from the intrinsic 
f(X) function when there is significant intraparticle mass transfer resistance. The mass 
transfer resistance is affected by the particle properties and reaction conditions. Here, 
the sensitivities of the apparent f(X) function to the particle size, pore diameter, porosity 
and reaction temperature are studied, through simulation studies using the calcination 
reaction as an example. The variable input parameters are listed in Table 5.8 and the 
constant input parameters required by the model are shown in Table 5.9. 
Table 5.8 The parameters to be varied during simulation. 
Parameter Temperature / 
K 
Particle size / 
μm 
Pore diameter / 
nm 
Pore volume / cm3 
g-1 
Value 1 973 100 25 0.025 
Value 2 1223 1600 200 0.2 
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Table 5.9 Input parameters of the model for simulating the calcination of CaCO3. 
Configuration Parameter Value 
(1) Bulk 
conditions 
Pressure, S / Bar 1.013 
Mole fraction of CO2, S  0 
Mole fraction of N2, ðS  1 
   
(2) Solid particle 
Mass fraction of CaCO3 1 
Mass fraction of CaO 0 
Skeletal density / kg m-3 2710 
BET area / m2 g-1 2.0 
Tortuosity factor 1.41 
   
(3) Fluidised 
bed 
Fluidising gas flow rate (STP) / ml s-1 80 
Particle diameter / μm 400 
Particle density / kg m-3 2648 
Bed diameter / mm 30 
Voidage at incipient fluidisation, lRZ 0.44 
Bed height at incipient fluidisation, YRZ / mm 29 
Tortuosity factor 1.34 
Figure 5.17 and Figure 5.18 show the simulation results of the apparent f(X) 
function for calcination reaction occurring at 973 K and 1273 K, where a simple 
function of !"#$ = 1 − # is used as the intrinsic f(X) function. Figure 5.19 and Figure 
5.20 show the case where the intrinsic f(X) function is !"#$ = "1 − #$&. Comparing the 
four figures, some general patterns can be recognised: 
i) As expected, in kinetically controlled regime, e.g. initial effectiveness factor ≥ 
0.9, the apparent f(X) functions coincide with the intrinsic f(X) functions, 
regardless of the reaction temperature and the particle properties. 
ii) The effect of temperature: for small particles, the apparent f(X) function at a high 
temperature changes more from the intrinsic f(X) function than that at a low 
temperature. Whereas it becomes the opposite for the large particles – the 
apparent f(X) function at a low temperature differs more from its intrinsic form 
than that at a high temperature. 
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iii) The effect of pore diameter: for small particles, the apparent f(X) function 
generally becomes closer to the intrinsic f(X) function as the pore diameter 
increases. However, for large particles, this only occurs to the front end of the 
apparent f(X) function. The back end could either moves further away or show 
no change as the pore diameter increases. The shape of the apparent f(X) 
function can change significantly due to the change in pore diameter. 
iv) The effect of pore volume: the apparent f(X) function of particles with a large 
pore volume is generally lower than that of particles with a small pore volume. 
Note here, a pore volume of 0.2 cm3/g corresponds to a porosity of 0.35 and a 
pore volume of 0.025 cm3/g corresponds to a porosity of 0.06. The shape of the 
apparent f(X) function can also change significantly due to the change in pore 
volume. 
v) The effect of particle size: with the large particle, the apparent f(X) function 
generally increases in magnitude and becomes further away from the intrinsic 
f(X) function. The most significant increase in the apparent f(X) function seems 
to be within 0.1 – 0.2 conversion. Large particles seem to amplify the effect of 
other factors. 
vi) The initial effectiveness factor was not a consistent indicator for the changes in 
the apparent f(X) function, since the change of the apparent f(X) function does 
not seem to follow a uniform trend as the effectiveness factor reduces. 
vii) Regardless of the shape of the intrinsic f(X) function, the shapes of the apparent 
f(X) function for particles with the initial effectiveness factor < 0.3 all become 
similar i.e. rising rapidly toward a peak at ~10 – 20% conversion and then 
gradually reducing to 0 at 100% conversion. However, the magnitude of the 
apparent f(X) function does show difference e.g. the apparent f(X) functions in 
Figure 5.18b are noticeably higher than those in Figure 5.20b. 
In conclusion, the intrinsic f(X) function is important when reaction is kinetically 
controlled, since it governs the evolution of the rate and conversion of the reaction. As 
the mass transfer limitation increases, either by changing the reaction conditions or the 
particle properties, the apparent f(X) function will evolve into a more complex shaped 
curve and become very different from the shape of the intrinsic f(X) function. Although, 
it can be argued that the exact form of the intrinsic f(X) function in mass transfer limited 
regime might not be as important as in kinetically controlled regime, the simulation 
results here show that intrinsic f(X) function does seem to still affect the absolute path of 
Chapter 5. Using an experimentally-determined model of the evolution of pore structure for the 
calcination of cycled limestones 
 
- 135 - 
the evolution of the rate and conversion of the reaction. The reason is that the particle 
becomes more porous during calcination, which results in less resistance from mass 
transfer as reaction proceeds. Hence, the intrinsic f(X) function becomes more and more 
important at the later stage of the reaction. 
 
Figure 5.17 The apparent f(X) function of calcination of CaCO3 at 973 K, with different particle 
size (unit: μm), pore diameter (unit: nm) and pore volume (unit: cm3/g). The value of  is the 
initial Thiele modulus and   is the initial effectiveness factor. The intrinsic f(X) function is !"#$ = 1 − #. 
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Figure 5.18 The apparent f(X) function of calcination of CaCO3 at 1273 K, with different 
particle size (unit: μm), pore diameter (unit: nm) and pore volume (unit: cm3/g). The value of  
is the initial Thiele modulus and   is the initial effectiveness factor. The intrinsic f(X) function 
is !"#$ = 1 − #. 
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Figure 5.19 The apparent f(X) function of calcination of CaCO3 at 973 K, with different particle 
size (unit: μm), pore diameter (unit: nm) and pore volume (unit: cm3/g). The value of  is the 
initial Thiele modulus and   is the initial effectiveness factor. The intrinsic f(X) function is !"#$ = "1 − #$&. 
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Figure 5.20 The apparent f(X) function of calcination of CaCO3 at 1273 K, with different 
particle size (unit: μm), pore diameter (unit: nm) and pore volume (unit: cm3/g). The value of  
is the initial Thiele modulus and   is the initial effectiveness factor. The intrinsic f(X) function 
is !"#$ = "1 − #$&. 
5.6 Conclusions 
The reaction and diffusion model developed in Chapter 3 was applied to a 
different type of non-catalytic gas-solid reaction here – the calcination of limestones. 
The limestones were subjected to a history of cycling between the calcined and 
carbonated states in a fluidised bed reactor in order to create a pore structure that would 
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allow the calcination reaction to occur continuously across the particle rather than 
occurs on a sharp front. The experimentally-determined function, f(X), which has been 
shown to be effective in describing the change in the pore structure during gasification 
across different particle sizes, was applied to two different limestones, each with two 
particle sizes, across different temperature. Excellent agreement between experiment 
and theory was obtained, and the model using the f(X) approach predicted the 
conversion of particles of various sizes well at temperatures different to that at which 
the function was derived, thus indicating that the f(X) is solely dependent on the 
evolution of the morphology of the particle. In addition, it was found that the f(X) 
determined from Compostilla limestone was successful in predicting the conversion of 
Purbeck limestones, which indicated that the two limestones had a similar evolution of 
pore structure after the first carbonation. This observation was attributed to the 
hypothesis that the calcination – carbonation cycling process might have significantly 
reduced the difference in the pore structures of the limestone particles and made them 
more homogenous. 
This study also investigated the reasons behind the experimentally-observed 
effects of bulk pressure, temperature and CO2 mole fraction on the rate of calcination of 
limestone particles in a fluidised bed. It could be concluded that the rate of reaction was 
proportional to the difference between equilibrium partial pressure of CO2 and the local 
partial pressure of CO2 inside the particle. A rise in either the bulk pressure or the bulk 
CO2 mole fraction would increase the local partial pressure of CO2 inside the particle, 
which reduced the partial pressure driving force and hence the rate of reaction. 
Moreover, the effect of bulk CO2 mole fraction on the local partial pressure of CO2 was 
most significant at high pressure. When temperature increased, the equilibrium partial 
pressure of CO2 grew at a higher rate than the local partial pressure of CO2, so the 
partial pressure driving force increased. Hence, the observed rate of reaction was larger 
at high temperature. It was demonstrated that in order to describe the diffusion of CO2 
through the porous particle, the variation of both bulk pressure and CO2 concentration 
needed to be considered. The partial pressure driving force of the reaction rate displayed 
almost a linear relationship with the bulk partial pressure of CO2, which varied little 
with the temperature. The previously reported parameter Û of Dennis & Hayhurst 
(1987) was better explained as the difference between an average value of the local 
partial pressure of CO2 inside the particle and that of the bulk environment, normalised 
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by the bulk pressure. The value of Û decreased significantly when the bulk partial 
pressure of CO2 became close to the equilibrium partial pressure. 
Through simulation, it was shown that as the mass transfer limitation increases, 
the apparent f(X) function would evolve into a more complex shaped curve and became 
very different from the shape of the intrinsic f(X) function. The intrinsic f(X) function 
was important in both the kinetically controlled and the mass transfer controlled 
regimes. 
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Chapter 6 Modelling the reaction and 
diffusion processes of the sulphation of 
limestone calcines 
6.1 Introduction 
A third type of non-catalytic gas-solid reaction involves the formation of a solid 
product which takes up more volume than the initial reacting solid, hence resulting in a 
lower surface area, smaller pore volume and more closed pore structure. This type of 
reaction can be extremely difficult to simulate owing to increased intraparticle 
resistance to mass transfer arising from the complicated changes in the pore structure. 
The sulphation of calcined limestone with SO2 and O2 is one such reaction and 
represents an industrial process for removing sulphur from flue gases, particularly in 
fluidised bed combustion.  
The aim of the present chapter was to (i) investigate whether the reaction and 
diffusion model developed in this Dissertation can be applied to systems where the 
product is a solid, using sulphation of CaO as an important example, and (ii) explain the 
reasons for the commonly observed temperature maxima of CaO’s absorption capacity 
of SO2.  
6.2 Experimental methods 
6.2.1 Materials 
Two different types of particles of the Purbeck limestone (~ 98 wt% CaCO3 for 
the virgin uncalcined particles) were used in the experiments: (i) 355 – 500 μm dia. 
virgin calcine (1 calcination, 0 carbonation) and (ii) 710 – 850 μm dia. particles which 
had been subjected to cycles of calcination and carbonation (21 calcinations, 20 
carbonations). A smaller size fraction was chosen for the virgin calcine to reduce the 
external mass transfer resistance since the virgin calcine generally had much bigger pore 
area than the cycled calcine and was substantially more reactive.  
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Figure 6.1 The conversion of CaO during the cycling of the 710 – 850 μm dia. Purbeck 
limestone particles. The error bar corresponded to the 95% confidence interval from a t-
distribution based on five repeated measurements.  
The cycling of the limestone particles was conducted in a bed of sand fluidised 
by 15 vol% CO2 balance N2 at 1 bar. In a cycling experiment, a known mass of sorbent 
was subjected to repeated cycles of treatments, where a single cycle consisted of the 
calcination of the limestone particles at 1173 K followed by the carbonation at 923 K. 
Both the calcination and the carbonation steps had a duration of 600 s, with a target 
heating rate of 30°C/min between the two temperatures. Typically, a bed containing 
20 mL of 355 – 425 µm dia. silica sand, and approximately 4 g of virgin limestones was 
placed in the reactor. The flow rate of the fluidising gas was 41 mL/s (STP) throughout 
the entire cycling process, which gave a U/Umf ratio of 3.4 at 923 K. To start the cycling 
process, the limestone particles were added to the reactor after it was filled with the 
sand and heated to 923 K, then the temperature control programme was switched to 
cycling mode to heat the reactor to the calcination temperature. The concentration of 
CO2 in the exhaust gases was continuously recorded during the experiment. After the 
last calcination, the sample bed was removed and placed in a crucible within a 
desiccator and finally sieved when cool. To eliminate the absorption of moisture from 
the environment, the calcined samples were kept in small bottles within an air-tight 
container which was half filled with CaCl2 sorbent. Figure 6.1 shows the CaO 
conversion on each cycle, which was defined as the number of mole of CO2 absorbed 
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per mole of CaO present in the limestone particles during the carbonation stage and was 
calculated using the CO2 concentration measurements during the calcination stage.  The 
conversion of CaO to carbonate in the Purbeck limestone was almost constant after 20 
cycles. The pore structure of the particles was characterised by BET analysis and the 
mercury porosimetry, as described in Chapter 2, and the results are shown in the section 
6.4.1. 
6.2.2 Fluidised bed experiments 
 
Figure 6.2 The measurement of the concentration of SO2 during the sulphation of the 710 – 850 
μm dia. Purbeck cycled calcine in 1800 ppm SO2, 5.2 vol% O2 balance N2 at 1223 K. 
Batch experiments were performed in the fluidised bed described in Chapter 2. 
In an experiment, the reactor was filled with 20 mL of silica sand and heated to the 
desired temperature, viz. 973 – 1223 K. This range of temperature was chosen to ensure 
that CaSO4 was the only thermodynamically-stable product. The fluidising gas was 
1800 ppm SO2 and 5.2 vol% O2 balance N2 and the total volumetric flowrate was 80 mL 
s-1 (STP), giving U/Umf ~ 5.8 – 8.4, with U being the superficial velocity at the 
temperature of the bed and Umf being the value at incipient fluidisation predicted from 
the correlation of Wen & Yu (1966). A known mass of limestone particles was added to 
the bed 1 minute after the bed temperature had reached the target level and the gas 
concentration had stabilised. To ensure complete sulphation of the limestones, the 
experiment was terminated 10 seconds after the measured concentration of SO2 of the 
off-gas had returned to its initial value. Each experiment was repeated at least 3 times. 
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An example of the raw measurement of the SO2 concentration during the sulphation of 
the cycled calcine at 1223 K is shown in Figure 6.2. 
 
Figure 6.3 The experimental measurements of the rate of reaction of the Purbeck virgin calcine 
at 1173 K with 10 – 300 mg of sample mass. The 50 mg curve was shown in red. 
Experimental measurements using different sample masses of the 355 – 500 μm 
dia. Purbeck virgin calcine ranging from 10 – 300 mg at 1173 K were conducted to 
determine the appropriate sample mass and the results are shown in Figure 6.3. The 
reaction rate appears to decrease when the sample mass was bigger than 50 mg due to 
complications arising from mass transfer between the bubble and the particulate phases. 
Hence a sample mass of 50 mg was chosen for all experiments. 
The rate of the reaction and the conversion were calculated from the 
measurements of [SO2] by: 
b`Ùa = 1óÙ >à Oð,Oð,-ñf a,-ñf − >à Oa,O (6-1) 
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where b`Ùa was the rate of sulphation in mol g-1 s-1, óÙ was the mass of CaO in the 
sample batch, >àO was the total mole of gas fed into the bed and  was the mole fraction 
of gas species. The molar conversion to CaSO4 was calculated from 
# = <Ù Ç b`Ùa U9 = 56 Ç b`Ùa U9 (6-2) 
The rate measurements were deconvoluted using the model described in Appendix D, 
consisting of 2 constant stirred tank reactors (CSTR) in series with a plug flow reactor 
(PFR), to account for the mixing and delay in the sampling line. The mean residence 
times for the two CSTRs were found to be 3.38 s and 3.39 s. Compared to the time scale 
of sulphation reaction, ~ 1000 – 3000 s, the time constants of the CSTRs were 
negligible. 
6.3 Theoretical methods 
6.3.1 Modelling the kinetics of sulphation 
The assumptions made in Chapter 3 when developing the general reaction and 
diffusion model also applied here, except that the temperature of the particle surface 
was assumed to be close to the temperature of the bulk as the heat transfer coefficient 
between the particulate phase of the fluidised bed and the surface of the particle was 
large. Since outside the solid particle, the convective heat transfer in a bubbling 
fluidised bed involved packets of sand particles coming into contact with the particle for 
a short time, then quickly moving away to be replaced by other packets. The overall 
reaction occurring in the reactor was: 
CaO"$ + SO&"n$ + 12 O&"n$ ⇌ CaSO¨"$   ∆YFF&® = −481.4 kJ mol[F (6-III) 
Following the studies of gasification and calcination, the evolution of the internal 
morphology of a calcined limestone particle during sulphation was also assumed to be 
described by an arbitrary f(X). The f(X) function was taken to be capable of being 
applied at any point in a particle and to be independent of temperature. Following 
gasification and calcination, the form of f(X) for sulphation should be obtainable from a 
plot of the experimental rate of sulphation against conversion in experiments in which 
the rate is controlled solely by intrinsic chemical kinetics. Normally, the X here would 
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be defined as the local conversion of CaSO4 within the calcined limestone particle. The 
value of f(X) changes with the local conversion, which will vary with distance from the 
centre of the particle. However, the conversion to CaSO4 usually cannot reach 100% 
during the sulphation of calcined limestones, because in theory the reaction will stop 
once all the pore volume are filled with the CaSO4 product, which has a molar volume 
~3 times of that of CaO. This means an alternative definition of the conversion is 
needed for the f(X) function so that the value of f(X) can be 1 and 0 at conversions of 0 
and 1, respectively. Therefore, #', defined as the conversion normalised by the 
theoretical maximum conversion when all the pore volume is filled with CaSO4, was 
used in the !"#'$ function. The !"#'$ function should be capable of being determined 
from experimental measurements of the rate and conversion of the virgin calcine 
particles in the regime where internal mass transport is not rate-controlling. In this case, 
the conversion of CaSO4 should be uniform across the particle and the reaction should 
reach 100% of the theoretical maximum conversion given by Eq. (6-25). However, in 
all the experiments undertaken in the relevant regime, the sulphation reactions stopped 
before the theoretical maximum conversion was reached despite a long reaction time. 
Thus it was not possible to determine the !"#'$ function from experiments. This issue 
can be resolved by using a predefined !"#'$ function such as !"#'$ = 1 − #' across all 
temperatures. 
There are two thermodynamically-feasible routes that the sulphation process 
could follow: 
"$:  CaO"$ + SO&"n$ ⇌ CaSO®"$ (6-IV) 
          CaSO®"$ + 12 O&"n$ ⇌ CaSO¨"$ (6-V) 
or 
"$:  SO&"n$ + 12 O&"n$ ⇌ SO®"n$ (6-VI)          SO®"n$ + CaO"$ ⇌ CaSO¨"$ (6-VII) 
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The majority of the studies in literature have favoured route (a) (Dennis & Hayhurst, 
1990; Hansen et al., 1993; Allen & Hayhurst, 1996a, 1996b) whilst some have 
supported route (b) (Burdett, 1983; Lin, 1994). In a review of sulphation in fluidised 
beds, Anthony & Granatstein (2001) concluded that the work of Dennis & Hayhurst 
(1990) was definitive in proving that SO3 was not a necessary precursor and the initial 
rate of reaction was independent of O2 concentration for the sulphation of limestones. 
Dennis & Hayhurst (1990) and Allen & Hayhurst (1996a) also concluded that CaSO3 
would decompose at higher temperature through 
where the CaS would be readily oxidised by O2, thus 
CaS + 2O& ⇌ CaSO¨ (6-IX) 
Reactions (6-IV) and (6-IX) become more important at temperatures above 773 K 
(Zawadzki, 1932) and no CaSO3 is observable in the presence of O2 above 1123 K 
(Allen & Hayhurst, 1996a). Figure 6.4 shows a phase diagram for CaSO4 from which it 
can be deduced that, under the experimental conditions used in the present research, viz. 
1800 ppm SO2, 5.2% O2, balance N2 at 973 – 1223K, CaSO4 is the main product of 
reaction between SO2 and CaO. Hence in this study, the mechanism of the sulphation 
reaction was assumed to follow route (a) given by reactions (6-IV) and (6-V), where 
CaSO3 and CaSO4 would be formed below 973 K and only CaSO4 above 973 K. In fact, 
the solid species present in the sulphated particles of the 20 times cycled calcine was 
examined by XRD and the result is shown in Figure 6.5, which confirms that only 
CaSO4 existed as the product of the reaction. 
4CaSO® ⇌ 3CaSO¨ + CaS (6-VIII) 
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Figure 6.4 Phase diagram of the CaSO4 stability (Anthony & Granatstein, 2001) with the 
experimental conditions of the current study marked by the black circle. 
 
Figure 6.5 XRD measurement of the sulphated particles of the 710 – 850 μm dia. Purbeck 
cycled calcine at 973 K, only CaO, CaSO4 and the inert impurity SiO2 were present in the 
sample. 
1800 ppm SO2 
and 5.2% O2 
balance N2 
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The intrinsic rate of reaction per unit internal surface area for sulphation has 
been found to be first order with respect to [SO2] and independent of [O2] (Borgwardt, 
1970; Dennis & Hayhurst, 1987; Allen & Hayhurst, 1996a). Generally, product layer 
diffusion soon becomes rate limiting just after the pore surface has become covered by a 
sufficient amount of CaSO4. This product-deposition aspect of gas-solid reactions was 
not considered in the general reaction and diffusion model presented in Chapter 3. The 
following addresses this omission, because the overall reaction rate should take into 
account diffusion through a thickening product layer. The rate equation could be written 
`Ùa = ()*+ 
ac  K,,m.,!"#'$          #' = ##RXC (6-10) 
where `Ùa is the rate of reaction (mol m3 s-1), 
a is the local partial pressure of 
SO2 within the particle (Pa), K,, is the initial pore area (m2 kg-1), m., is the initial bulk 
density of the particles (kg m-3) and !"#'$ describes how the rate of reaction evolves 
with the normalised conversion due to changes in pore structure. The maximum 
absorption capacity of SO2, #RXC, is estimated by filling all the pore volume with 
CaSO4. The overall rate constant, ()*+, given by Eq. (6-11) below in m s[F, can be 
determined from the mass balance over a cylindrical pore in its radial direction: 
1()*+ = 1(, + -.,QT Ln  -.,-., − ∆ℎ (6-11) 
Here (, is the intrinsic rate constant for sulphation in m/s, QT is the product layer 
diffusivity in m& s⁄  and ∆ℎ is the product layer thickness. The product layer diffusivity QT follows the Arrhenius equation with the activation energy, ?u, and the pre-
exponential factor, QT, 
QT = QT exp ¡− ?uc ¢ (6-12) 
In the model, the product layer diffusivity was used as an adjustable parameter to fit the 
model predictions to the experimental results across temperatures, which then gave an 
estimate of its activation energy.   
The classical picture of the product layer diffusion involves SO2 diffusing 
through the CaSO4 product to reach unreacted CaO. This has been assumed in many 
previous studies of limestone sulphation, although the high values quoted (Pigford & 
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Sliger, 1973; Bhatia & Perlmutter, 1981a; Anthony & Granatstein, 2001) for the 
activation energy in Eq. (6-12) for diffusion are inconsistent with gaseous diffusion. 
Borgwardt & Bruce (1986) studied the reactivity of calcines of pulverised limestone 
with SO2 and suggested that the high sensitivity of the rate of reaction to temperature, 
taken together with the experimental apparent order of reaction with respect to [SO2] 
being less than unity, implied an ionic diffusion process through the product layer. Iisa 
et al. (1992) reported the apparent activation energy of product layer diffusion to be 100 
– 200 kJ mol-1, and concluded that diffusion must occur via solid state diffusion rather 
than gaseous diffusion. Using a Pt-based marker on the surface of a compressed CaO 
tablet, Hsia et al. (1993) proposed that the sulphation reaction proceeded by the outward 
diffusion of Ca2+ ions through the CaSO4 product layer and that the reaction occurred, 
in fact, at the interface between the CaSO4 product and the gas in the pore. The reason 
given for assuming a higher mobility of the calcium ions was that smaller Ca2+ ion (~ 
1.8 Å) is inherently more mobile than the SO42- ion (~ 4.5 Å). In a later isotopic study 
using 32SO2 and 34SO2, it was further concluded that the Ca2+ and the O2- ions diffused 
in a coupled manner from the CaO/CaSO4 interface to the CaSO4/gas interface when the 
product formed (Hsia et al., 1995).  
6.3.2 Evolution of pore structure 
The symbols used in the following section are specific to section 6.3.2, and the 
definitions can be found within the text. In a limestone particle, there initially exists 
CaCO3 and CaO, which can describe a general case for limestones after a number of 
carbonation and calcination cycles. The following subscripts are used in the 
development below to represent different solid phases: (i) S – overall particle solid, (ii) 
CC – calcium carbonate (CaCO3), (iii) CO – calcium oxide (CaO) and (iv) CS – calcium 
sulphate (CaSO4). The volume of the solids per unit mass, da, is given by 
da = MMdE,MM + MòdE,Mò + MdE,M (6-13) 
where dE is the molar volume of different solids and  is the number of mole of 
calcium per unit mass of particle. The total amount of calcium per unit mass, ÈM , is 
ÈM = MM + Mò + M = MM, + Mò, (6-14) 
Here the subscript 0 means at the start. Differentiating Eq. (6-13), 
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Uda = dE,MMUMM + dE,Mò"−UMM − UM$ + dE,MUM= 2dE,MM − dE,Mò3UMM + 2dE,M − dE,Mò3UM (6-15) 
Let the conversion of CaCO3, #MM, and the conversion of CaSO4, #M, be defined as 
follows: 
#MM = 1 − MMMM,           #M = MÈM  (6-16) 
where MM, is the initial amount of the CaCO3 present in the particle and would be 0 for 
fully-calcined limestones. Then Eq. (6-15) becomes  
Uda = −MM,2dE,MM − dE,Mò3U#MM + ÈM2dE,M − dE,Mò3U#M (6-17) 
Hence the volume of the solid per unit mass as a function of #MM and #M is 
da = da, − MM,2dE,MM − dE,Mò3#MM + ÈM2dE,M − dE,Mò3#M (6-18) 
da, = MM,dE,MM + Mò,dE,Mò (6-19) 
Similarly, the volume of the pores per unit mass is  
d×5 = d×5, + MM,2dE,MM − dE,Mò3#MM − ÈM2dE,M − dE,Mò3#M (6-20) 
Therefore, if ε > 0, the porosity of the whole particle is given by 
ε = ε + 1da, + d×5, ÀMM,2dE,MM − dE,Mò3#MM− ÈM2dE,M − dE,Mò3#MÃ (6-21) 
If ε = 0 and d×5, = 0, the porosity of the whole particle is given by 
ε = 1da, ÀMM,2dE,MM − dE,Mò3#MM − ÈM2dE,M − dE,Mò3#MÃ (6-22) 
For fully-calcined limestone particles with no CaCO3 present prior to sulphation, MM, = 0 and the porosity becomes 
ε = ε − εd×5, ÀMò,2dE,M − dE,Mò3#MÃ (6-23) 
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The maximum value of #M is reached when ε = 0, hence the theoretical maximum 
capacity of SO2 uptake allowed by the pore volume is given by 
#M,RXC = d×5,Mò,2dE,M − dE,Mò3 (6-24) 
Substituting dE,M = 46.0 × 10[§ m® mol[F, dE,Mò = 16.9 × 10[§ m® mol[F and Mò, = Mò,/"56 × 10[® kg mol[F$ into Eq. (6-24), where Mò, is the initial mass 
fraction of CaO in the solid particles, gives 
#M,RXC = 1924.42d×5, Mò,⁄ 3 (6-25) 
Often, the molar volume of CaSO4, is reported as 52.2 × 10[§ m® mol[F which is 
~3.09 times that of CaO. This value is correct for temperatures less than 473 K where 
the low density (2610 kg/m3) CaSO4 crystal structure is stable. For sulphation of CaO 
above 473 K, the density of the stable form of CaSO4 should be 2960 kg/m3, which 
gives a molar volume of 46.0 × 10[§ m® mol[F (Milne et al., 1990). Hence, if the other 
common value of CaSO4 molar volume, 52.2 × 10[§ m® mol[F, is used, the constant 
1924.4 in Eq. (6-25) will become 1586.4. For a particle consisting of 100% CaO, which 
can be assumed for both of the Purbeck limestone calcines, Eq. (6-25) gives d×5, =0.52 × 10[§ m® kg[F = 0.52 cm® g[F for #M,RXC = 1, which means that the 
theoretical SO2 uptake capacity can reach 100% only if the initial pore volume is bigger 
than 0.52 cm® g[F.  
In practice, the maximum conversion achieved during experiment is usually 
smaller than the theoretical value, i.e. there is incomplete conversion, owing to reaction 
being severely limited by solid state diffusion through the product layer and, or, 
complete blocking of the pore entrances. Hence, the pore volume being occupied by the 
product layer during the sulphation reaction could be much smaller than the actual total 
volume. In the subsequent modelling, the pore volume of the particles was treated as an 
adjustable parameter rather than a fixed physical constant when comparing model 
results to the experiments. 
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6.4 Results 
6.4.1 Characterisation of the particles 
The particle characterisation results from BET analysis and mercury intrusion 
porosimetry are shown in Table 6.1 and Table 6.2, and the pore size distributions are 
plotted in Figure 6.6. The results confirm that the surface area and the pore volume of 
particles which had been subjected to 20 cycles of calcination and carbonation are 
smaller than those of the virgin particles, calcined once, and the pores are 
correspondingly larger than those of the virgin particles. This is commonly observed 
with particles subjected to long periods of sintering. 
Table 6.1 Characterisation of limestone particles by BET analysis. 
Limestone 
BET analysis 
BET area / m2 g-1 BJH volume / cm3 
g-1 
BJH adsorption mean 
pore diameter / nm 
Purbeck virgin 
calcine 10.53 0.19 79 
Purbeck cycled 
calcine 3.04 0.07 114 
 
Table 6.2 Characterisation of limestone particles by mercury porosimetry. 
Limestone 
Mercury intrusion porosimetry 
Porosity Total 
pore 
area / 
m2 g-1 
Total 
intrusion 
volume / 
cm3 g-1 
Mean pore 
diameter / 
nm 
Bulk 
density / 
kg m-3 
Tortuosity 
factor / - 
Purbeck 
virgin 
calcine 
0.33 9.54 0.15 63 2035 2.1 
Purbeck 
cycled 
calcine 
0.31 2.11 0.09 171 2070 2.1 
The total pore volume, estimated by summing values from the BJH analysis and 
mercury porosimetry, gave 0.34 cm3 g-1 for the Purbeck virgin calcine and 0.16 cm3 g-1 
for the cycled material in its calcined state. From Eq. (6-25), the theoretical maximum 
conversion of the virgin calcine, based on these results, should be 0.65, where the 
contribution from the volume of the 2 – 200 nm dia. pores, estimated from the BJH 
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analysis, is 0.37 and that from the volume in pores of diameter ranging from 200 nm – 
100 μm pores, measured from mercury porosimetry, is 0.29. The theoretical maximum 
conversion of the cycled calcine would be 0.31, where 0.13 is from pore volumes 
estimated by BJH analysis and 0.17 is from pore volume measured by mercury 
porosimetry. In the subsequent modelling work, the mean pore diameters of the virgin 
and cycled calcines were taken to be 60 nm and 170 nm respectively. Note that the 
limestone particles may have considerable unmeasured surface area and pore volume in 
the micro-porous range (dpore < 2 nm), as the BET and mercury intrusion analyser were 
unable to measure pore diameters smaller than 1.7 nm and 3 nm respectively. 
 
Figure 6.6 Pore size distribution of the Purbeck virgin and cycled calcines. BJH analysis results 
are shown below 200 nm and mercury porosimetry results are shown above 200 nm.  
6.4.2 Kinetic parameters 
The activation energy of the intrinsic rate constant (, was measured from the 
initial rate of reaction which was extrapolated from the plot of the experimental 
measurements of the rate vs. conversion. When sulphation just starts, i.e. # = 0, the 
product layer thickness ∆ℎ is close to zero, and the overall rate constant ()*+ is equal to 
the intrinsic rate constant (,, where 
(, = (,exp "− ?Xc$ (6-26) 
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In addition, !"#'$ = 1 when #’ = 0, hence the initial rate becomes 
`Ùa 	’ = (,exp "− ?Xc$ 
ac  K,,m., (6-27) 
which can be rearranged:  
Ln `Ùa 	’ ∙  = − ?Xc + Ln (, 
ac  K,,m., (6-28) 
Hence, by plotting Ln `Ùa 	’ ∙  against 1/, the activation energy can be 
determined from the gradient of the best fitted line of the experimental results. The 
initial rate of reaction `Ùa 	’ was extrapolated from the plot of the rate against 
conversion using the cubic interpolation method in MATLAB, as shown in Figure 6.7. 
The peak of the deconvoluted rate is slightly higher than the estimated initial rate in 
Figure 6.7, which is a usual feature for the deconvolution process using a non-linear 
mixing model e.g. 2 CSTR in series with a PFR. The deconvoluted rate almost 
coincidences with the experimentally measured rate, suggesting that the mixing effect in 
the sampling line was relatively fast compare to the sulphation reaction. 
 
Figure 6.7 Extrapolating initial rate of reaction from the deconvoluted rate for a calcined 
particle using the cubic interpolation method in MATLAB. The material was 710 – 850 µm dia. 
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Purbeck limestone, cycled 20 times and sulphated with 1800 ppm SO2, 5.2% O2 balance N2 at 
1223 K. The original experimental rate prior to deconvolution is also plotted for comparison.  
Figure 6.8 shows the plot of Ln `Ùa 	’ ∙  against 1/ and the estimated 
values of the activation energies for the two limestone calcines, where the virgin calcine 
and the cycled calcine have a very similar activation energy of ~40 kJ mol-1. A range of 
activation energies of (, have been reported in the literature: Borgwardt (1970) reported 
34 – 76 kJ mol-1 depending on the type of limestone whilst Bhatia & Perlmutter (1981) 
calculated it to be 56 kJ mol-1 using their random pore model. Borgwardt (1970) and 
Dennis & Hayhurst (1990) found values around 38 ± 5 kJ mol-1 for calcined virgin 
limestone. For cycled material, Cordero et al. (2014) estimated the value to be about 42 
kJ mol-1 for material purged from a calcium looping process after a long residence time 
in the reactor, whilst Cordero & Alonso (2015) measured 22 – 26 kJ mol-1 for limestone 
calcines after 50 cycles of carbonation and calcination. 
 
Figure 6.8 Determining the activation energy of the intrinsic rate constant of sulphation of the 
Purbeck limestones from measurements at 823 K, 873 K, 923 K, 973 K, 1023 K, 1073 K, 1123 
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K, 1173 K to 1223 K with 1800 ppm SO2, 5.2% O2 balance N2. Measurements above 973 K are 
shaded in red and measurements below 973 K are shaded in blue. 
A summary of the kinetic parameters is shown in Table 6.3, where the values of (, at 1123 K are also given. In the literature, various values of (, have been reported at 
1123 K, thus: 128×10-5 m/s by Bhatia & Perlmutter (1981), 34×10-5 m/s by Dennis & 
Hayhurst (1990), 17×10-5 m/s by Allen & Hayhurst (1996a) and 68 – 135×10-5 m/s by 
Cordero & Alonso (2015). Therefore, the results obtained in this study are in line with 
the values reported in the literature. Above 973 K, there is no clear reduction in the 
activation energy due to mass transfer resistance in Figure 6.8, thus the sulphation 
reaction was initially controlled by the intrinsic chemical kinetics. Below 973 K, the 
reaction mechanism might have been different from that at higher temperature, which 
could account for the changes in the gradient shown in the blue region. 
Table 6.3 Summary of the kinetic parameters determined from the experiments. 
Particles ?X / kJ mol-1 (, / m s-1 (, at 1123 K / m s-1 
Virgin calcine 39 ± 4 0.011 16×10-5 
Cycled calcine (20 times) 40 ± 7 0.015 21×10-5 
 
6.4.3 Product layer diffusivities 
The product layer diffusivity in Eq. (6-11) is an adjustable parameter when 
fitting the predicted rates and conversions of sulphation to those measured in the 
experiments, which are plotted as log"QT$ vs. 1/ in Figure 6.9 for the virgin and the 
cycled calcines. The activation energies of the product layer diffusivity were estimated 
to be 102 ± 7 kJ mol-1 and 130 ± 15 kJ mol-1;  in the literature it has been variously 
reported to be 120 kJ mol-1 (Bhatia & Perlmutter, 1981a), 138 kJ mol-1 (Borgwardt et 
al., 1987), 147 kJ mol-1 (Fuertes et al., 1994), 150 kJ mol-1 (Iisa et al., 1992) and 165 kJ 
mol-1 (Duo et al., 2004). A summary of the parameters is shown in Table 6.4, where the 
values of Q at 1123 K are also given. 
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Figure 6.9 Estimating activation energies of the product layer diffusivities for the virgin and the 
cycled calcines sulphated with 1800 ppm SO2, 5.2% O2 balance N2.  
 
Table 6.4 Summary of the product layer diffusivity parameters determined from the model. 
Particles ?u / kJ mol-1 QT / m2 s-1 QT at 1123 K / m2 s-1 
Virgin calcine 102 ± 7 0.31×10-6 56×10-13 
Cycled calcine (20 times) 130 ± 15 4.74×10-6 43×10-13 
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6.4.4 Sulphation of virgin calcine particles 
 
Figure 6.10 Comparison of model results (lines) with experimental measurements (points) of the 
sulphation of 355 – 500 µm dia. Purbeck virgin calcine by 1800 ppm SO2, 5.2% O2 balance N2 
at 973 – 1223 K. The simple !"#'$ = 1 − #' function was used in all cases. 
The experiments with the virgin calcine did not achieve 100% of the theoretical 
maximum conversion given by Eq. (6-25), hence it was not possible to determine the !"#'$ function. Instead, the function was arbitrarily set to !"#'$ = 1 − #' and used in 
the model for all temperatures to compare to the experimental measurements of the rate 
and conversion. Comparisons between the model predictions and the experimental 
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measurements of sulphation of the 355 – 500 μm dia. Purbeck virgin calcine at 973 – 
1223 K are shown in Figure 6.10. This figure includes plots of the rate vs. conversion at 
(a) 973 – 1073 K and (b) 1123 – 1223 K. Good agreement between the experiments and 
the model is seen for 973 – 1123K up to an overall conversion of 0.25 in Figure 6.10(a), 
after which the experimental rates fall faster with conversion than the model predicts. 
For experiments at 1123 – 1223 K in Figure 6.10(b), the model agrees well with the 
experiments for all conversions. In addition, the model accurately predicted the decline 
in the ultimate conversion of CaSO4 with temperature at 1123 – 1223 K. 
The ultimate conversion of CaSO4 predicted by the model was higher than that 
measured by the experiments. Figure 6.10 also shows that the maximum conversions 
start to drop rapidly at temperatures above 1123 K, which will be discussed in detail in 
section 6.5.2. The highest conversion of CaSO4, ~0.35, was obtained during 
experiments at 1073 K, which was less than the theoretical maximum capacity of 0.65 
calculated from Eq. (6-25) using the sum of the pore volume from BJH analysis and 
mercury porosimetry. However, a conversion of CaSO4 of 0.35 corresponds to a pore 
volume of 0.18 cm3 g-1, which, interestingly, is very close to the value of 0.19 cm3 g-1 
estimated from the BJH analysis in Table 6.1. 
6.4.5 Sulphation of calcined, cycled particles 
The experiments using the cycled calcines also did not achieve 100% of the 
theoretical maximum conversion given by Eq. (6-25), hence it was not possible to 
determine the !"#'$ function. Again, the arbitrary choice of  !"#'$ = 1 − #' was used 
in the model for all temperatures to compare to the experimental measurements of the 
rate and conversion. Comparisons between the model predictions and the experimental 
measurements of sulphation of 710 - 850 μm dia. particles of cycled, calcined Purbeck 
limestone at 973 – 1223 K are shown in Figure 6.11, which includes plots of the rate vs. 
conversion at (a) 973 – 1073 K and (b) 1123 – 1223 K. Reasonable agreement between 
the experiments and the model can be found for 973 – 1173K in Figure 6.11(a) below a 
conversion of 0.05, above which the experimental rates fall much faster with conversion 
than the model predicts. In Figure 6.11(a), there is almost a perfect agreement between 
the model results and the experiments at 1123 – 1223 K. 
The reactions stopped at different ultimate conversions of CaSO4 for different 
temperatures in the experiments, being ~ 0.08 for 973 – 1023 K, ~ 0.15 at 1073 K and ~ 
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0.25 for 1123 – 1223K. This is different from the behaviour of the virgin calcine, which 
will be discussed in section 6.5.2. The highest conversion to CaSO4 in the experiments 
was obtained at 1123 K, ~0.25, which was close to the theoretical maximum capacity of 
0.31 calculated from Eq. (6-25) using the sum of the pore volume from BJH analysis 
and mercury porosimetry. A conversion of 0.25 corresponded to a pore volume of 0.13 
cm3 g-1 using Eq. (6-25). 
 
Figure 6.11 Comparison of model results (lines) with experimental measurements (points) for 
the sulphation of 710 – 850 µm dia. cycled Purbeck limestone calcine by 1800 ppm SO2, 5.2% 
O2 balance N2. The simple !"#'$ = 1 − #' function was used in all cases. 
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6.4.6 The ultimate conversion to CaSO4 at different 
temperatures 
 
Figure 6.12 The ultimate conversion to CaSO4 at different temperatures. The region where 
CaSO3, CaSO4 and CaS could exist thermodynamically is shaded below 973 K and the region 
where only CaSO4 could exist is shaded above 973 K. At 1073 K, there are inflection points and 
a maximum. 
The ultimate conversions to CaSO4, i.e. the maximum absorption capacity of the 
material for SO2, of the 0.36 – 0.50 mm dia. virgin and the 0.71 – 0.85 mm dia. cycled 
calcines were measured at 823 K – 1223 K. Additional measurements were made using 
cycled particles of 0.71 – 0.85 mm dia. in the carbonated state (20 calcinations, 20 
carbonations) between 923K and 1173 K for comparison. The results are shown in 
Figure 6.12, where the region below 973 K is shaded blue and the region above 973 K 
red. Between 973 K and 1073 K, the virgin calcine and the cycled calcine behave 
similarly, insofar as the respective conversions to CaSO4 were roughly constant 
between 973 and 1023 K and increased from 1023 to 1073 K. For the range 1073 – 
1123 K, the trends between the two materials are different. Thus, the conversion to 
CaSO4 of the virgin calcine decreases with increase in temperature while that of the 
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cycled calcine increases. Above 1123 K, the conversion of the virgin calcine continues 
to decline with increase in temperature, whilst that of the cycled calcine declines only 
very slightly. There is a distinct maximum at 1073 K for the virgin calcine and at 1123 
K for the cycled calcine. On the other hand, the conversion to CaSO4 of the cycled 
material in its carbonated state increases with increase in temperature monotonically 
above 973 K. Since no experiments were performed above 1173 K for the cycled 
material in its carbonated state, it cannot be deduced where any maximum would be. 
However, it can be concluded that the peak conversion to CaSO4 of the carbonated 
material would appear at a temperature no lower than those of the virgin calcine and the 
cycled calcine. The behaviour of the carbonated material can be attributed to the effect 
of calcination on the pore structure during the sulphation reaction, where additional pore 
volume and potentially a porous product layer are created during the process (Hajaligol 
et al., 1988). 
6.5 Discussion 
6.5.1 Comparison between model and experiment 
The sulphation experiments undertaken on particles of the 355 – 425 μm dia. 
virgin calcine and the 710 – 850 μm dia. cycled calcine were analysed to give estimates 
of the intrinsic rate constant, both materials giving a value of the activation energy close 
to ~ 40 kJ mol-1 with pre-exponential factors were 0.011 and 0.015 m/s, respectively. 
The values were within the range of the values reported in several different kinetic 
studies of the sulphation of limestones. At 973 K, the Thiele modulus, given by o =

® h),,u , was 1.34 for the virgin calcine and 1.10 for the cycled calcine, which 
indicated that the initial reaction of both particles was affected by, but not significantly 
limited by, the pore diffusion resistance. Figure 6.13 shows the local conversion profiles 
of the virgin and cycled calcines at 973 K predicted by the model, where the gradients 
of conversion across both particles are flat. Furthermore, the evolution of the 
effectiveness factors with conversion in Figure 6.14 shows a steep rise just after 
reaction begins. Therefore, the initial intraparticle diffusion resistance reduces rapidly as 
the solid diffusion becomes the limiting step. Nevertheless, Figure 6.10 and Figure 6.11 
did show a reasonable agreement between the model using the !"#'$ functions and the 
experiments across all temperature.  
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Figure 6.13 The predicted local conversion profiles of the 355 – 500 μm dia. virgin calcine and 
the 710 – 850 μm dia. cycled calcine reacting with 1800 ppm SO2, 5.2% O2 balance N2 at 973 
K. The colour bar indicates the overall conversion of CaSO4.  
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Figure 6.14 The predicted evolution of the effectiveness factor against the normalised 
conversion of CaSO4 of the 355 – 500 μm dia. virgin calcine and the 710 – 850 μm dia. cycled 
calcine reacting with 1800 ppm SO2, 5.2% O2 balance N2 at 973 K. The conversion is 
normalised by the experimental maximum conversion of CaSO4. 
 
Figure 6.15 Predicted maximum conversion to CaSO4 against pore diameter for Purbeck 
limestone calcines based on the experimental pore size distribution of the particles. The 
experimental maximum conversions of CaSO4 of the virgin calcine at 1073 K and that of the 
cycled calcine at 1123 K are indicated, both of which intersect with the curve at ~300 nm.  
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Figure 6.16 The range of pore sizes responsible for the absorption capacity of SO2 determined 
from the experimental maximum conversion to CaSO4 at different temperatures. The dashed 
line indicates an estimated limit of pore diameter ~300 nm.  
The maximum conversion predicted by the model was determined by the pore 
volumes of the particles based on Eq. (6-25). The effective pore volume of the Purbeck 
virgin calcine, calculated by substituting the experimental maximum conversion of 
CaSO4 into Eq. (6-25), was very close to the pore volume estimated from the BJH 
analysis for pores smaller than 200 nm. In their work on the cycling of limestones 
between the calcined and carbonated state, Fennell et al. (2007) found that absorption 
capacity for CO2 was proportional to the volume of pores below 150 nm diameter and 
the initial reaction was rapid when filling up those pores. A distribution of the 
cumulative pore volume was obtained from the pore size distribution shown in Figure 
6.6, which was used to plot the hypothetical maximum conversion to CaSO4 if the 
volume of the pores were to be filled up, starting from the smallest pores up to a given 
size of pores. As shown in Figure 6.15, the cumulative pore volume distributions for 
both virgin and cycled calcined particles give the predicted maximum conversion to 
CaSO4 against the pore diameter. Examples are shown for the virgin calcine at 1073 K 
and the cycled calcine at 1123 K, where the maximum conversion are the highest across 
all temperatures and both intersect with the curve at a pore diameter of ~300 nm. 
Similar calculations were done for all the other measurements of the maximum 
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conversion to CaSO4 and are shown in Figure 6.16, where the volume below 300 nm 
seems to be the limit for the maximum conversion for both Purbeck limestone calcines. 
6.5.2 The maximum conversion to CaSO4 
There have been considerable discussions over the existence of temperature 
maxima in the capture of SO2 by calcined limestone. For sulphation under oxidising 
conditions, the optimum temperature for the conversion to CaSO4 has been explained by 
different theories:  
(i) At higher temperatures, the limestone particles experience severer sintering resulting 
in lower porosity and surface area, hence reducing the overall conversion of limestone. 
This has been dismissed by Anthony & Granatstein (2001) since sintering should not 
have a significant effect with a short residence time ~1 h and a small temperature span 
~50°C. 
(ii) The equilibrium between SO2 and SO3 determines the maximum, with higher 
temperatures reducing the availability of SO3 for reaction with CaO. This can probably 
be rejected as well since it has been shown that the formation of SO3 was not essential 
for the sulphation reaction (Dennis & Hayhurst, 1990). 
(iii) At a high temperature, the rate of sulphation becomes fast, which causes the surface 
pores to be filled with CaSO4 solid, thus preventing the entry of SO2 to the interior of 
the calcined limestone particle (Dennis & Hayhurst, 1986). At low temperature, the 
reaction is limited by the diffusion through the solid product layer, so that the rate of 
reaction becomes very slow. The solid-state diffusion is an activated process and the 
rate will increase with temperature, hence there must exist an optimum temperature for 
SO2 uptake. 
Other proposed theories to explain the change of the ultimate conversion to 
CaSO4 with temperature, suggest the reduction of CaSO4 to CaO. For example: 
(iv) The temperature maximum for the ultimate conversion of CaSO4 was regarded as 
competition between sulphation and reduction, with reduction becoming more 
important at higher temperatures (Lyngfelt & Leckner, 1989a, 1989b; Hansen et al., 
1993; Anthony & Granatstein, 2001).  
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(v) The depletion of oxygen in the dense phase of a fluidised bed coal combustor, due to 
increasing volatile combustion at higher temperatures, could inhibit the sulphation 
above 1173 K, where depleted levels of oxygen might reduce the production of CaSO4 
and allowed regeneration of CaO through reduction of CaSO4 by CO formed during 
incomplete combustion of the coal (Dennis & Hayhurst, 1985).  
However, the temperature maxima were found in the current work under oxidising 
conditions only, with no reducing species present in the fluidised bed. Therefore, it is 
unlikely that the reduction of CaSO4 could have occurred in the experiments of this 
study, but it does not invalidate the above theories since significant drops in the 
maximum conversion were recorded when the reaction was studied in the presence of 
the combustion of high-volatile coal in the experiments of Dennis & Hayhurst (1985). 
Figure 6.12 showed that after the peak, the ultimate conversion to CaSO4 of the virgin 
calcine fell more rapidly with temperature than the cycled calcine did. In fact, the 
ultimate conversion of CaSO4 of the cycled calcine seemed to be constant at ~ 0.24 
between 1123 K and 1223 K. If the chemical nature of the virgin calcine and cycled 
calcine did not differ much, then the most likely cause for such a difference must come 
from the difference in the evolution of pore structures. Hence, the theory (iii) above 
merits further discussion. 
If the plugging of the surface pores were the reason for the decrease in the 
ultimate conversion to CaSO4 at high temperature, then the pore plugging would be 
more significant for the virgin calcine than for the cycled calcine, because the pores of 
the virgin calcine are, on average, smaller. Also, the initial Thiele modulus was higher 
for the virgin calcine. Then at the same temperature, the distribution of the CaSO4 
product across the particle would be less uniform for the virgin calcine than cycled 
material. At a high temperature, e.g. 1123 – 1223 K, the virgin calcine would be more 
likely to experience plugging of the surface pores, preventing SO2 from accessing 
unreacted CaO inside the particle, thereby leading to a fall in the ultimate conversion to 
CaSO4. On the other hand, the cycled calcine at 1123 – 1223 K should manifest a less 
dramatic decrease in the ultimate conversion, exactly as shown in Figure 6.12. In 
addition, it might be expected that the peak temperature of the ultimate conversion of 
CaSO4 of the cycled calcine (1123 K) to be higher than that of the virgin calcine (1073 
K).  
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Turning to lower reaction temperatures, Figure 6.12 shows that the ultimate 
conversion to CaSO4 is almost constant over the range 973 – 1023 K before starting to 
increase between 1023 and 1073 K for both the virgin and the cycled calcines. It is 
unclear why the ultimate conversion of CaSO4 at 1023 K was so close to that at 973 K, 
but the increase between 1023 K and 1073 K might be explained by the increase in the 
diffusion coefficient for the product layer with temperature.  
One of the key parameters used in the model was the product layer diffusion 
coefficient given by Eq. (6-12). Using Eq. (6-11), one can estimate the thickness ∆ℎ at 
which diffusion through the product layer becomes limiting for a given local 
concentration of SO2. This is demonstrated in Figure 6.17, which plots Eq. (6-11) in the 
form of the ratio ()*+/(, as a function of the ratio -./-., at different 
temperatures for (a) the virgin calcine and (b) the cycled calcine. A value of ()*+/(, < 
0.1 was chosen to be the threshold for entering significant control by diffusion through 
the product layer. Corresponding values of 2-./-.,34567 are illustrated by the 
dashed lines in Figure 6.17. A ratio of 2-./-.,34567 close to 0 indicates that the 
pores will be completely filled when ()*+/(, = 0.1, as shown by the curve for 1223 K 
in Figure 6.17(a). If 2-./-.,34567 exceeds 0, then the pores will only be partially 
filled when the overall rate becomes limited by the product layer diffusion. The results 
show that:  
(i) An increase in the initial pore radius, -.,, leads to steeper curves across all 
temperatures. In the other words, a larger value of 2-./-.,34567 indicates a smaller 
probability of pore plugging;  
(ii) A larger value of the pre-exponential factor for product layer diffusion in Eq. (6-12) 
would raise the curves an equal amount for temperatures, giving a smaller 2-./-.,34567 and increased likelihood of pore plugging;  
(iii) A higher value of the activation energy for product layer diffusion would lower the 
low-temperature parts of each curve more than it would the high-temperature part, 
resulting in larger values of 2-./-.,34567for low temperatures compared with high 
temperature. Thus, pore-plugging is less likely at low temperatures. 
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Figure 6.17 Simulation of the ratio ()*+/(, between the overall and the intrinsic rate constant 
of sulphation reaction as a function of the ratio -./-., at different temperatures for (a) the 
Purbeck virgin calcine and (b) the Purbeck cycled calcine. The product layer thickness was ∆ℎ/-., = 1 − -./-.,. A threshold ratio of 0.1 for ()*+/(, was used here, denoted by 
the dotted line. 
Figure 6.18 shows the variation of the limiting product layer thickness, 1 −2-./-.,34567, with temperature for the two types of calcine. The ultimate 
conversions to CaSO4 at 973 – 1223 K are also plotted on a secondary y-axis on the 
right-hand side of Figure 6.18 to show the correlation with the cut-off product layer 
thickness. Interestingly for the cycled calcine, the correlation coefficient between the 
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two series is extremely high ~ 0.98 at 973 – 1123 K because they follow almost the 
same trend until 1123 K is exceeded. On the other hand, the ultimate conversion to 
CaSO4 of the virgin calcine does not seem to correlate with the threshold thickness of 
product layer.   
 
Figure 6.18 The threshold thickness of the product layer 1 − 2-./-.,34567 when the ratio ()*+/(, = 0.1 for Purbeck virgin calcine and the cycled calcine. The experimental 
measurements of the ultimate conversion to CaSO4 from experiments using 1800 ppm SO2, 
5.2% O2 balance N2 are plotted on the secondary y-axis on the right to show the correlation with 
the threshold thickness of product layer.   
It should be noted that in Figure 6.17 and Figure 6.18 only the intrinsic rate 
constant and the product layer diffusion coefficient have been considered and no 
consideration has been given to intraparticle mass transfer of gas. If the product layer 
formed inside the particle had a uniform thickness across the particle, then the cut-off 
thicknesses shown in Figure 6.18 would indeed have a strong correlation with the 
measurements of the ultimate conversion of CaSO4. However, if the product layer 
thickness is not uniform, due to significant intraparticle mass transfer resistance at high 
temperature, then the product layer thickness averaged across the particle would be 
smaller than that shown in Figure 6.18, and the ultimate conversion to CaSO4 would 
start to level off. Had the intraparticle mass transfer resistance been considered, the cut-
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off thickness of the cycled calcine at 1123 – 1223 K would probably level off and 
become better correlated with the actual experimental measurements of ultimate 
conversion. Hence, Figure 6.17 and Figure 6.18 show that the increase in the ultimate 
conversion to CaSO4 at low temperature might be explained by increases in product 
layer diffusion coefficient with temperature, at least for the cycled calcine. However, for 
the virgin calcine, which has a bigger Thiele modulus than the cycled calcine does, it is 
expected that it will experience more intraparticle mass transfer resistance. 
Figure 6.19 shows the simulated evolution of the surface pore diameter with 
conversion across different temperatures for the virgin and cycled calcines, where the 
pore diameters at the particle surface are normalised by their initial values and the 
overall conversions are normalised by the theoretical maximum conversions of the 
material given by Eq. (6-25). Figure 6.20 shows the simulated profiles of the local 
porosity across the particle radius when the reaction rates become zero after a long time 
for the virgin and cycled calcines, where the porosities are normalised by their initial 
values. As expected from the discussions above, Figure 6.19(a) and Figure 6.20(a) show 
that the model predicts the complete plugging of the surface pores for the virgin calcine, 
which becomes more significant as temperature increases. Because of this effect at 
higher temperatures, the surface pore diameter reduces to zero at a smaller overall 
conversion and the local porosity profile at the end of the reaction becomes steeper at 
the particle surface. For the cycled calcine, the fall in the surface pore diameter with 
overall conversion is slower in Figure 6.19(b) and the porosity profile when the reaction 
stops in Figure 6.20(b) is less steep. In addition, the 973 – 1073 K profiles in Figure 
6.20(b) are almost flat across the particle and are very close to 0, which suggests 
uniform product layers being formed across the particle at those temperatures. Thus, it 
seems clear that the pore plugging was in fact more significant in the virgin calcine than 
in the cycled calcine.  
In theory if the experiments were left long enough, 100% of the theoretical 
maximum conversion can eventually be achieved. Unless there exists a requirement for 
mechanical work to disrupt the product layer, and this requirement exceeds that can be 
supplied by the reaction when the layer exceeds a certain thickness (Duo et al., 1994, 
2004; Dennis & Pacciani, 2009). However, this theory would be relevant only if the 
product layer was formed inwards, where the sulphation reaction occurred at the 
CaO/CaSO4 interface. The literature discussion at the end of section 6.3.1 concluded 
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that the reaction proceeded by the outward diffusion of Ca2+ ions through the CaSO4 
product layer and that the reaction occurred, in fact, at the interface between the CaSO4 
product and the gas in the pore (Hsia et al., 1993, 1995). Therefore, the most plausible 
explanation for the experimental maximum conversion being less than the theoretical 
maximum was that the experiments were incomplete and would take much longer time, 
e.g. > 10 hrs at 973 K, to finish as the rate becomes too small to measure.  
 
Figure 6.19 Simulated evolution of the normalised pore diameters at the particle surface with 
overall conversion. The pore diameters are normalised by their initial values and the overall 
conversion is normalised by the theoretical maximum conversion of CaSO4 of the material.  
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Figure 6.20 Simulated profiles of the local porosity at a long time (96:;6:67) when sulphation 
reaction in 1800 ppm SO2, 5.2% O2 balance N2 completely stopped. The porosities are 
normalised by their initial values. 
Therefore, it is proposed that the variation of the ultimate uptake of SO2 with the 
temperature consists of two different types:  
(i) Type I pore plugging: at low temperature, there is uniform conversion across the 
particle and the ultimate conversion to CaSO4 was limited by product layer diffusion. 
As the diffusion coefficient increases with temperature, the thickness of the product 
layer grows which leads to an increase in the ultimate conversion of CaSO4. 
Theoretically, if the experiments were left long enough at this temperature, the pores 
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will be filled with a uniformly thick product layer throughout the entire particle and the 
theoretical maximum conversion would be achieved. This regime can be seen from the 
973 – 1123 K measurements of the cycled calcine. The possible formation of products 
other than CaSO4 might have an impact on the ultimate conversion, but was not 
considered here, since experimental evidence in the literature is meagre. 
 (ii) Type II pore plugging: at high temperature, the product layer near the surface can 
be so thick that the entrances to the pores become completely sealed thus preventing 
SO2 from accessing the particle interior. The higher the temperature, the quicker the 
blocking of the pores will occur, which leads to the decrease in the ultimate conversion 
of CaSO4, as observed from the measurements of the virgin calcine at 1073 – 1223 K. 
Anything in between type I and II fell into the intermediate stage: as temperature 
increases, the conversion across the particle is no longer uniform, where the product 
layer near the surface will be thicker than that at the particle centre. Hence a plateau of 
the ultimate conversion to CaSO4 appears, as observed from the measurements of the 
cycled calcine at 1123 – 1223 K, and perhaps the virgin calcine at 973 – 1073 K.  
In fact, the above theory might be generalised to any gas-solid reaction 
involving an increase in the solid volume. For example, there have been few discussions 
on the pore plugging effect during the carbonation of CaO. Since the ratio of molar 
volumes for CaCO3/CaO is ~2 and that of CaSO4/CaO is ~ 3, the general view is that 
the carbonation reaction usually stops due to type I pore plugging, whereas the 
sulphation reaction stops due to type II pore plugging. It can be shown from simulations 
that type II pore plugging could occur during the carbonation of the limestone calcines 
at normal operating conditions in fluidised bed combustors. Figure 6.21 shows the 
simulated profiles of the local porosity of the 710 – 850 μm dia. Purbeck virgin calcine 
during carbonation. Here, the carbonation reactions occur in the batch fluidised bed with 
a stream of 15% CO2 balance N2. The same pore structure parameters for the Purbeck 
virgin calcine were used in the simulation, and the kinetic parameters of carbonation 
reaction came from the results of the Purbeck limestone calcine after 6 cycles from 
Chapter 5. The results in Figure 6.21 show a near type I pore plugging at 873 K and a 
near type II pore plugging at 1023 K. Therefore, the two-type pore-plugging theory 
proposed above might also be applied to carbonation, or, indeed, to any other reaction 
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involving an increase in the solid volume when explaining the reasons for incomplete 
conversion and the temperature maxima of the ultimate conversion to the product solid. 
 
Figure 6.21 Simulated profiles of the local porosity at a long time (96:;6:67) when the 
carbonation reaction completely stopped. The porosities are normalised by their initial values. 
The 710 – 850 μm dia. Purbeck virgin calcine reacts with 15% CO2 balance N2 in the batch 
fluidised bed.  
 
6.6 Conclusions 
In this chapter, the general reaction and diffusion model were applied to the 
sulphation of the limestone calcines under oxidising conditions in a batch fluidised bed. 
Two calcined Purbeck limestone samples were tested: the virgin calcine and a cycled 
calcine after 20 calcination-carbonation cycles. Due to incomplete conversion of the 
particle during sulphation, the !"#'$ function could not be determined from the 
experimental measurements. Hence a predefined function !"#'$ = 1 − #' was used in 
the model to compare to experimental measurements, where #' was the conversion of 
CaSO4 normalized by the theoretical maximum conversion allowed by the total pore 
volume within the particle. 
The activation energies of the intrinsic rate constant of sulphation reaction for 
the virgin calcine and the cycled calcine were both found to be close to ~ 40 kJ mol-1. 
The activation energies of the product layer diffusivity were determined during the 
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model fitting, which were 103 and 130 kJ mol-1 for the virgin and the cycled calcine 
respectively. The above values of both types of activation energies were consistent with 
the values reported previously. At 973 – 1123 K, the predicted rates and conversions 
matched well with the experimental measurements up to a conversion of 0.25 and 0.05 
for the virgin calcine and the cycled calcine respectively. At 1123 – 1223 K, the model 
showed excellent agreements with the experiments for both the virgin and cycled 
calcines. For the particles of both calcines, the maximum conversion to CaSO4 seemed 
to be limited by the pore volume below 300 nm. The virgin calcine had a larger pore 
volume and surface area but smaller pores, whereas the cycled calcine had a smaller 
pore volume and surface area with bigger pores. Therefore, the virgin calcine 
experienced more significant plugging of the surface pores than the cycled calcine did, 
which were the main reason for the decline in ultimate conversion of CaSO4 with 
increasing temperature. The most plausible explanation for the maximum conversion 
achieved in the experiments being smaller than the theoretical value was that the 
experiments were incomplete and would take much longer time to finish as the rate 
becomes too small to measure. 
It was proposed that the changes in the ultimate conversion to CaSO4 with 
temperature during sulphation in oxidising conditions followed two typs: (i) type I pore 
plugging – at low temperature range, the cut-off thickness of product layer was uniform 
across the particle, thus the ultimate conversion of CaSO4 increased as the product layer 
diffusivity increases with temperature, and (ii) type II pore plugging – at  high 
temperature the pore entrance at the particle surface becomes completely filled with the 
product CaSO4 thus preventing gases from accessing unreacted CaO inside the particle. 
When transitioning from type I to II as temperature increases, the product layer 
thickness across the particle became non-uniform, so the ultimate conversion reached a 
plateau because the product layer at the centre is thinner than that at the surface of the 
particle. These processes were exemplified by the sulphation behaviours of the virgin 
and the cycled calcines at different temperature. A simulation of the Purbeck virgin 
calcine during carbonation reaction at different temperatures also shows the two types 
of pore plugging behaviour, which supports the generalisation of the theory. 
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Chapter 7 Conclusions 
The projected global total consumption of energy is likely to increase by 48% 
between 2012 and 2040, at which point fossil fuels will still account for ~78% of the 
global energy use. Coal, the world’s most abundant fossil fuel, will play a major role in 
supporting the development of base-load electricity and will continue to be the largest 
single fuel used for electricity generation by ~2040. Therefore, the implementation of 
modern, highly-efficient and clean technologies for the utilisation of coal is the key to 
the development of economies if the effects of burning coal on society and environment 
are to be minimised. A rigorously-constructed reaction and diffusion model can help 
understand the different types of gas-solid reactions involved in the process of the 
utilisation of fossil fuels, e.g. gasification of chars by CO2 as a part of energy generation 
process, calcination of CaCO3 during calcium looping for CO2 capture and sulphation of 
CaO for SO2 removal. The overall objective of the work described in this Dissertation 
was to develop and verify a general reaction and diffusion model for non-catalytic 
reactions between gases and porous solids, particularly those relevant to the clean use of 
fossil fuels. Here, the internal pore structure of the solid was characterised by observing 
the kinetics in a regime limited only by intrinsic chemical reaction. It was hypothesised 
that a simple arbitrary function, f(X), determined from experimental measurements of 
rate vs. conversion in a kinetically-controlled regime, could be used in place of formal, 
mathematical pore models, to describe the evolution of pore structure during a reaction 
influenced by intraparticle mass transfer. The approach was used to study (i) the 
gasification of chars by CO2, where the only product was gaseous, (ii) the calcination of 
CaCO3, where the products were gaseous and solid, and (iii) the sulphation of virgin 
and sintered CaO by SO2, where the only product was solid. 
The theoretical work developed in Chapter 3 focused on modelling the gas-solid 
reactions on the scale of a single particle assuming pseudo-steady state, where the 
Cylindrical Pore Interpolation Model was used to describe the intraparticle mass 
transfer, the Stefan-Maxwell equations were used for mass transfer external to the 
particle, the full form of the energy balance equation was employed and the 
experimentally-measured f(X) function used to describe morphological evolution during 
Chapter 7. Conclusions 
 
- 179 - 
the reaction. The whole system was solved using the method of Orthogonal Collocation 
on Finite Elements with adaptable numerical meshes for the spatial dimension and 
marching forward in the time dimension using the method of Finite Differences. 
As noted above, it was proposed that a simple arbitrary function, f(X), 
determined from experimental measurements of rate vs. conversion in the kinetically-
controlled regime, could be used in place of mathematical pore models, to describe the 
evolution of pore structure during a reaction influenced by intraparticle mass transfer. 
Chapter 4 verified the f(X) theory using the gasification of chars by CO2 as the example, 
where the gasification kinetics were assumed to follow Ergun’s equation. Experiments 
were conducted in a batch fluidised bed to measure the rates of reaction and the extents 
of conversion as functions of time, at different temperatures and for various particle 
sizes, of both lignite char and a less-reactive activated carbon. The results from the 
model using the experimentally-determined f(X) function were compared with the 
experimental measurements, with excellent agreement being obtained. The results 
showed that for the gasification of chars, the f(X) predicted the rate of reaction of 
particles of various sizes well, all being at the same temperature. However, for the CO2 
gasification of char particles, at least, an f(X) evaluated at one temperature did not 
predict experimental measurements well at other temperatures. A further investigation 
using heat-treated chars suggested that the difficulty in applying the f(X) function across 
different temperatures might be due to the different rate contributions from multiple 
types of active sites for adsorption within the char particles, thereby suggesting also that 
the Ergun equation is too simplistic in its treatment of active sites. 
To study further the application of the f(X) function across temperature, Chapter 
5 examined the calcination of limestone particles, which did not involve gas adsorption 
hence should not have the complication from multiple types of active sites. The reaction 
kinetics were modelled as first order in the concentration driving force involving a 
balance between the calcination (forward) and carbonation (reverse) reactions, where 
carbonation occurred when [CO2] was above the equilibrium concentration. Natural 
limestone particles, which have been subjected to a history of cycling between the 
calcined and carbonated states, were calcined in a batch fluidised bed, where the 
reaction rates and the conversions were measured until calcination completed. Excellent 
agreement between the experiment and the theory was obtained, and the model using 
the experimentally determined f(X) function predicted the conversion of particles of 
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various sizes well at temperatures different to that at which the function was derived, 
thus showing that the f(X) solely dependent on the evolution of the morphology of the 
particle.  
Chapter 5 also investigated the reasons behind the experimentally-observed 
effects of bulk pressure, temperature and CO2 mole fraction on the rate of calcination of 
limestone particles in a fluidised bed. It was found that a rise in either the bulk pressure 
or the bulk CO2 mole fraction would increase the local partial pressure of CO2 inside the 
particle, which reduced the partial pressure driving force and hence the rate of reaction. 
The effect of bulk CO2 mole fraction on the local partial pressure of CO2 was most 
significant at high pressure. Hence, to describe the diffusion of CO2 through the porous 
particle, the variation of both bulk pressure and CO2 concentration must be considered. 
Whilst it was recognised that complex processes occurred at the calcination interface, 
by using a more rigorous description of reaction and diffusion through the porous 
particle, the experimentally-observed effects of CO2 mole fraction and bulk pressure 
observations can, at least to some extent, be explained. 
To investigate whether the reaction and diffusion model could be applied to 
systems where the product was a solid, Chapter 6 studied the sulphation of the calcined 
limestone under oxidising conditions. The sulphation reaction involves the formation of 
a solid product, CaSO4, which took up more volume than the initial reacting solid, 
hence resulting in a lower surface area, smaller pore volume and more closed pore 
structure. Experiments were conducted using a virgin calcine and a cycled calcine of a 
natural limestone in a batch fluidised bed to measure the reaction rates and the 
conversions up to the point at which the sulphation stopped. However, it was found that, 
the f(X) function could not be determined from the experimental measurements due to 
incomplete conversion of the particle during sulphation. Hence, a predefined function !"#'$ = 1 − #' was used in the model to compare to experimental measurements, 
where #' was the conversion of CaSO4 normalized by the theoretical maximum 
conversion allowed by the total pore volume within the particle. At 973 – 1123 K, the 
predicted rates and conversions matched well to the experimental measurements up to a 
conversion of 0.25 and 0.05 for the virgin calcine and the cycled calcine, respectively. 
At 1123 – 1223 K, the model showed excellent agreements with the experiments for 
both the virgin and cycled calcines. For the particles of both calcines, the maximum 
conversion to CaSO4 seemed to be limited by the pore volume below 300 nm. The most 
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plausible explanation for the maximum conversion achieved in the experiments being 
smaller than the theoretical value was that the experiments were incomplete and would 
take much longer time to finish as the rate becomes too small to measure. An alternative 
explanation is that there exists a requirement for mechanical work to disrupt the product 
layer, and this requirement exceeds what can be supplied by the reaction when the layer 
exceeds a certain thickness (Duo et al., 1994, 2004; Dennis & Pacciani, 2009). 
However, this theory would be relevant only if the product layer was formed inwards, 
viz. where the sulphation reaction occurs only at the CaO/CaSO4 interface. This is not, 
in fact, the case, based on the results of Hsia et al. (1993) and Hsia et al. (1995), who 
concluded that the reaction proceeds by the outward diffusion of Ca2+ ions through the 
CaSO4 product layer and that the reaction occurs, in fact, at the interface between the 
CaSO4 product and the gas in the pore. 
Chapter 6 proposed that the changes in the ultimate conversion to CaSO4 with 
temperature during sulphation in oxidising conditions is of two types, as follows. (1) 
Type I pore plugging: at low temperatures (e.g. experiments with the cycled calcine at 
973 – 1123 K), the thickness of the product layer was uniform across the particle, thus 
the ultimate conversion of CaSO4 increased because the product layer diffusivity 
increased with temperature. (2) Type II pore plugging – at high temperatures (e.g. 
experiments with the virgin calcine at 1073 – 1223 K), the pore entrance at the particle 
surface becomes completely filled with the product CaSO4 thus preventing gases from 
entering while the internal of the particle remained largely unreacted. There is an 
intermediate stage between type I and II (e.g. experiments with the cycled calcine at 
1123 – 1223 K and with the virgin calcine at 973 – 1073 K.): as the temperature 
increases, the product layer thickness across the particle became non-uniform, so the 
ultimate conversion reached a plateau because the product layer at the centre is thinner 
than that at the surface of the particle. A simulation of the Purbeck virgin calcine during 
carbonation reaction at different temperatures also showed the two types of pore 
plugging behaviour, which supports the generalisation of the theory.  
In summary, the work presented in this Dissertation has verified the applicability 
of the general reaction and diffusion model on all three different non-catalytic gas-solid 
reactions – gasification, calcination and sulphation. By comparing to the experiments, 
the theory of using an experimentally determined f(X) function to describe pore 
evolution during reaction was also verified successfully for at least gasification and 
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calcination reactions. The models have helped understand some of the experimental 
observations that lack deterministic explanations by using a rigorous theoretical 
framework. The approach would aid future work on similar, and other, reactions where 
simulations are required. 
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Appendix A: Derivation of the equation of 
energy 
In this section, an energy balance equation at pseudo-steady state will be derived from 
the standard form of equation of energy for non-catalytic gas-solid reactions. The 
symbols used here are for this section only. 
A.1 Equation of continuity 
From Bird et al. (2007), the standard equation of continuity of species n within a 
differential volume of ΔxΔyΔz with reaction is: 
QmOQ9 = ÞmOÞ9 + "Â ∙ ∇$mO = −"∇ ∙ !"$ − mO"∇ ∙ Â$ + cO (A-1) 
Here mO is the density in kg m-3, !" is a vector of the advective mass flux in kg m-2 s-1 
(different from the total molar flux, O, used in Chaper 3), cO is the rate of production in 
kg m-3 s-1 and Â is the velocity vector of the gas mixture. Summed for all N species, the 
equation is hence: 
QmQ9 = ÞmÞ9 + "Â ∙ ∇$m = − "∇ ∙ !"$OF − m"∇ ∙ Â$ +  cO

F
= −m"∇ ∙ Â$ +  cOOF  
(A-2) 
because ∑ "∇ ∙ !#$OF = ∇ ∙ ∑ !"OF = 0. 
A.2 Equation of momentum 
The standard equation of momentum is: 
∂∂9 "mÂ$ = − %∇ ∙ &' + m( (A-3) ( is the body force e.g. gravity. & is a tensor of combined momentum flux and is equal 
to 
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& = ) + Á + m[Â ∙ Â*] (A-4) 
Here P is the total pressure, ) is an identity tensor, Á is the shear stress tensor and [Â ∙Â*] forms a tensor of the product of velocities. 
QQ9 "mÂ$ = ∂∂9 "mÂ$ + "Â ∙ ∇$"mÂ$= −À∇ ∙ )Ã − À∇ ∙ ÁÃ − [∇ ∙ m[Â ∙ Â*]] + m(+ "Â ∙ ∇$"mÂ$ 
(A-5) 
Using the continuity equation, 
QQ9 "mÂ$ = Â QmQ9 + m QÂQ9 = Â −m"∇ ∙ Â$ +  cOOF  + m QÂQ9
= −mÂ"∇ ∙ Â$ + Â  cOOF + m QÂQ9= −À∇ ∙ )Ã − À∇ ∙ ÁÃ − [∇ ∙ m[Â ∙ Â*]] + m(+ "Â ∙ ∇$"mÂ$ 
(A-6) 
It can be shown that %∇ ∙ m[Â ∙ Â*]' = "Â ∙ ∇$"mÂ$ + mÂ"∇ ∙ Â$, so the equation 
becomes: 
m QÂQ9 = −À∇ ∙ )Ã − À∇ ∙ ÁÃ + m( − Â  cOOF − %∇ ∙ m[Â ∙ Â*]'+ "Â ∙ ∇$"mÂ$ + mÂ"∇ ∙ Â$
= −À∇ ∙ )Ã − À∇ ∙ ÁÃ + m( − Â  cOOF  
(A-7) 
This is effectively the Navier-Stokes equation with non-catalytic equation occurring. 
A.3 Equation of energy 
The standard equation of energy is also given by Bird et al. (2007): 
∂Þ9 ¡mÏ+ + 12 mÅ&¢ = −∇ ∙ , + mÂ ∙ ( (A-8) 
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where Ï+ is the mass specific internal energy and , is a vector of the combined energy 
flux given by 
, = ¿ + Â + ÀÁ ∙ ÂÃ + mÂ Ï+ + Å&2 
= ¿ + ÀÁ ∙ ÂÃ + mÂ Ï+ + m + Å&2 
= ¿ + ÀÁ ∙ ÂÃ + mÂ Y+ + Å&2  
(A-9) 
Here ¿ is the heat flux of conduction. And ideal gas law is assumed, so that Ï+ + T =Ï+ + db = Y+. The total differential equation of energy is 
QQ9 ¡mÏ+ + 12 mÅ&¢ = ∂Þ9 ¡mÏ+ + 12 mÅ&¢ + "Â ∙ ∇$ ¡mÏ+ + 12 mÅ&¢
= −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ − ∇ ∙ mÂ Y+ + Å&2  + mÂ ∙ (
+ "Â ∙ ∇$ ¡mÏ+ + 12 mÅ&¢ 
(A-10) 
The left hand side can be splatted by chain rule, 
QQ9 ¡mÏ+ + 12 mÅ&¢ = ¡Ï+ + 12 Å&¢ QmQ9 + m QÏ+Q9 + m QQ9 Å&2 
= ¡Ï+ + 12 Å&¢ −m"∇ ∙ Â$ +  cOOF  + m QÏ
+Q9
+ m QQ9 Å&2 
= −m ¡Ï+ + 12 Å&¢ "∇ ∙ Â$ + ¡Ï+ + 12 Å&¢  cOOF + m QÏ
+Q9
+ m QQ9 Å&2  
(A-11) 
Substitute Eq. (A-11) into (A-10) and rearrange the terms, 
Modelling Non-Catalytic Gas-Solid Reactions 
 
- 186 - 
m QÏ+Q9 = −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ − ∇ ∙ mÂ Y+ + Å&2  + mÂ ∙ (
+ "Â ∙ ∇$ ¡mÏ+ + 12 mÅ&¢ + m ¡Ï+ + 12 Å&¢ "∇ ∙ Â$
− ¡Ï+ + 12 Å&¢  cOOF − m QQ9 Å
&2 
= −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ − ∇ ∙ mÂ Y+ + Å&2  + mÂ ∙ ( + ∇
∙ mÂ Ï+ + Å&2  − ¡Ï+ + 12 Å&¢  cOOF − m QQ9 Å
&2 
= −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + mÂ ∙ ( − ∇ ∙ mÂ2Y+ − Ï+3
− ¡Ï+ + 12 Å&¢  cOOF − m QQ9 Å
&2 
= −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + mÂ ∙ ( − ∇ ∙ Â
− ¡Ï+ + 12 Å&¢  cOOF − m QQ9 Å
&2  
(A-12) 
From equation (A-7),  
m QQ9 Å&2  = mÂ QÂQ9
= −Â ∙ À∇ ∙ )Ã − Â ∙ À∇ ∙ ÁÃ + mÂ ∙ ( − Å&  cOOF  
(A-13) 
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m QÏ+Q9 = −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + mÂ ∙ ( − ∇ ∙ Â − ¡Ï+ + 12 Å&¢  cOOF
+ Â ∙ À∇ ∙ )Ã + Â ∙ À∇ ∙ ÁÃ − mÂ ∙ ( + Å&  cOOF= −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + Â ∙ À∇ ∙ ÁÃ − ∇ ∙ Â + Â
∙ À∇ ∙ )Ã − ¡Ï+ − 12 Å&¢  cOOF= −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + Â ∙ À∇ ∙ ÁÃ − ∇ ∙ Â
− ¡Ï+ − 12 Å&¢  cOOF  
(A-14) 
m QY+Q9 = m QQ9 2Ï+ + db3 = m QÏ+Q9 + QQ9 − m QmQ9  (A-15) 
m QY+Q9 = −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + Â ∙ À∇ ∙ ÁÃ − ∇ ∙ Â
− ¡Ï+ − 12 Å&¢  cOOF + QQ9 − m QmQ9  
(A-16) 
Substitute equation (A-2) into the above equation, 
m QY+Q9 = −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + Â ∙ À∇ ∙ ÁÃ − ∇ ∙ Â
− ¡Ï+ − 12 Å&¢  cOOF + QQ9 − m −m"∇ ∙ Â$ +  cO

OF = −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + Â ∙ À∇ ∙ ÁÃ − ∇ ∙ Â
− ¡Ï+ − 12 Å&¢  cOOF + QQ9 + "∇ ∙ Â$ − m  cO

OF= −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + Â ∙ À∇ ∙ ÁÃ
− ¡Y+ − 12 Å&¢  cOOF + QQ9  
(A-17) 
It can be shown that the above equation is equivalent to 
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mN QQ9 = −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + Â ∙ À∇ ∙ ÁÃ
−  YOÄ "−∇ ∙ !" + cO$ +OF Å
&2  cOOF + QQ9  
(A-18) 
N is the mass specific heat capacity. Since ∑ "−∇ ∙ !"$ =OF − ∇ ∙ ∑ !" =OF 0, 
mN QQ9 = −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + Â ∙ À∇ ∙ ÁÃ −  YOÄ − Å&2 OF cO + QQ9  (A-19) 
Assuming pseudo-steady state, equation (A-13) will become 
mÂ ∙ ∇ Å&2  = −"Â ∙ ∇$ − Â ∙ À∇ ∙ ÁÃ + mÂ ∙ ( − Å&  cOOF  (A-20) 
In addition, at pseudo-steady state, 
QQ9 ≈ "Â ∙ ∇$ = −mÂ ∙ ∇ Å&2  − Â ∙ À∇ ∙ ÁÃ + mÂ ∙ ( − Å&  cOOF  (A-21) 
Therefore, equation (A-19) will become, 
mN QQ9 = −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ + Â ∙ À∇ ∙ ÁÃ −  YOÄ − Å&2 OF cO − mÂ
∙ ∇ Å&2  − Â ∙ À∇ ∙ ÁÃ + mÂ ∙ ( − Å&  cOOF
= −∇ ∙ ¿ − ∇ ∙ ÀÁ ∙ ÂÃ −  YOÄ + Å&2 OF cO − mÂ
∙ ∇ Å&2  + mÂ ∙ ( 
(A-22) 
For 1-D spherical coordinate system under pseudo-steady state 
mN QQ9 ≈ mN"Â ∙ ∇$ = mN ¡Å UU¢ 
mÂ ∙ ∇ Å&2  = mÅ UU Å&2  = mÅ ∙ Å UÅU =  .OÅ UÅUOF  
(A-23) 
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where .O is the total mass flux of species n. Using Fick’s law, 
∇ ∙ ¿ = 1& UU & ¡−j UU¢ = − j& UU ¡& UU¢ (A-24) 
Finally, ignoring the shear stress, the energy equation becomes 
j& UU ¡& UU¢ = mN ¡Å UU¢ +  YOÄ + Å&2 OF cO +  .OÅ UÅU

OF  (A-25) 
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Appendix B: Coordinate transformation 
For any variable C of the model in r and t coordinates to be transformed into  = 
 and / = 9 coordinates, the following relationships must be true: 
UN" ,/$ =  ÞNÞ |0U + ÞNÞ/ |ßU/ = ÞNÞ |fU + ÞNÞ9 |U9 = UN", 9$ (B-1) 
/ = 9, so U/ = U9 and / can be dropped. Since "9$ is changing with time,  = 
 
gives: 
U =  U − & U = U −   UU9 U9 = U −   à U9 (B-2) 
Substitute this into equation (B-1): 
UN" , 9$ =  ÞNÞ |f U −   à U9 + ÞNÞ9 |ßU9 = ÞNÞ |fU + ÞNÞ9 |U9= UN", 9$ (B-3) 
Collecting terms for dr and dt: 
ÞNÞ |f 1 U + ÞNÞ9 |ß −   à  U9 = ÞNÞ |fU + ÞNÞ9 |U9 (B-4) ÞNÞ |f =  ÞNÞ |f           ÞNÞ9 |ß = ÞNÞ9 | +   à ÞNÞ |f (B-5) 
Let =", 9$ = 1M1 |f and ü" , 9$ = F
 1M1ß |f, as before 
U=", 9$ =  Þ=Þ |fU + Þ=Þ9 |U9 = ÞüÞ |fU + ÞüÞ9 |ßU9 = Uü" , 9$ (B-6) 
Substitute equation (B-2) into equation (B-6), and obtain: 
Þ&NÞ& = 1& Þ&NÞ &  (B-7) 
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Since there is no second derivative of time, it is unnecessary to derive the expression. 
To sum up, equation (B-5) and (B-7) transform any variable in r coordinate to  = 
 coordinate, taking into account the change of  with time. Similarly for external 
model, where r is transformed into  = [
2  with both  and ± changing, the 
derivatives will be: 
ÞNÞ |f = ± ÞNÞ |f           ÞNÞ9 |ß = ÞNÞ9 | + ¡  ±& ±à + 1± à ¢ ÞNÞ |f (B-8) 
The time derivative is not needed as there is no time dependence in the external 
model. 
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Appendix C: Numerical solutions to the 
general reaction and diffusion model 
The symbols used here are specific to this appendix, and the definitions can be found 
within the text. Outside this appendix, please refer to the List of Abbreviations and 
Acronyms for definitions of symbols.  
C.1 The principle of orthogonal collocation 
Any dependent variable "$ can be expanded by using orthogonal polynomials, 
usually Legendre polynomials (Chang & Finlayson, 1978b), at a number of locations 
(i.e. collocation points) in the independent variable . Thus  and  can be represented 
by vectors with the same number of elements as that of the collocation points. At each 
point |ç, the corresponding value of  is given by the Legendre polynomial expansion: 
2|ç3 =  2|ç3[FTF = F + &2|ç3⋯2|ç3[F ⋯T2|ç3T[F 
é =  1,2 … > 
(C-1) 
where NP is the total number of collocation points and F − T are the unique set of 
constants that describes the relationship between  and . Written in a matrix form, the 
above equation becomes: 
455
56 "|F$⋮2|ç3⋮"|T$89
99
: =
455
556
1 ⋯ "|F$[F ⋯ "|F$T[F⋮ ⋱ ⋮ ⋱ ⋮1 ⋯ 2|ç3[F ⋯ 2|ç3T[F⋮ ⋱ ⋮ ⋱ ⋮1 ⋯ "|T$[F ⋯ "|T$T[F899
99:
455
56 F⋮⋮T899
9:
 
(C-2) 
[] = [`] ∙ []          [`]ç = 2|ç3[F (C-3) 
Here [] is the matrix form of "$ and [`] is the matrix containing a set of expressions 
of x. The constant matrix [] can be calculated from 
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[] = [`[F] ∙ [] (C-4) 
where [`[F] is the inverse matrix of [`] with a dimension of [> × >] and the 
matrices [] and [] have the dimension of [> × 1]. Differentiating Eq. (C-1) gives: 
U2|ç3U = "ë − 1$2|ç3[&TF = 0 + & ⋯ "ë − 1$2|ç3[& ⋯ ">− 1$T2|ç3T[& 
(C-5) 
Expressed in matrix form, the first derivative of y with respect to x becomes: 
45
55
55
56 U"|F$U⋮U2|ç3U⋮U"|T$U 89
99
99
9:
=
455
556
0 ⋯ "ë − 1$"|F$[& ⋯ "> − 1$"|F$T[&⋮ ⋱ ⋮ ⋱ ⋮0 ⋯ "ë − 1$2|ç3[& ⋯ "> − 1$2|ç3T[&⋮ ⋱ ⋮ ⋱ ⋮0 ⋯ "ë − 1$"|T$[& ⋯ "> − 1$"|T$T[&899
99:
455
56 F⋮⋮T899
9:
 
(C-6) 
[Q<] = [N] ∙ [] = [N] ∙ [`[F] ∙ [] = [K] ∙ [] 
[N]ç = "ë − 1$2|ç3[& 
[K]ç = "ë − 1$2|ç3[&TF [`[F]ç
T
çF  
(C-7) 
where [Q<] is the matrix form of the first derivative of y, [N] is the matrix containing a 
different set of expressions of x and [K] is the product of [N] and [`[F]. Equation (C-7) 
shows that the first derivative of y can be transformed into a simple product of the 
matrix [K] and the matrix of the dependent variable, []. The same transformation could 
be made to the second derivative of y: 
[QQ<] = [Q] ∙ [] = [Q] ∙ [`[F] ∙ [] = [¶] ∙ [] (C-8) 
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[Q]ç = "ë − 1$"ë − 2$2|ç3[® 
[¶]ç = "ë − 1$"ë − 2$2|ç3[®TF [`[F]ç
T
çF  
where [QQ<] is the matrix form of the second derivative of y, [Q] is the matrix 
containing another set of expressions of x and [¶] is the product of [Q] and [`[F]. The 
matrices [`[F], [K] and [¶], all having a dimension [> × >], can be calculated once 
the locations of the collocation points |ç are defined. The system can be made 
orthogonal if the positions of the collocation points correspond to the roots of an 
orthogonal polynomial. One of the approaches is to apply orthogonal collocation to the 
domain ranging from 0 to 1 with equal spacing between two collocation points, hence |ç can be defined as: 
|ç = 1 × é> − 1 = é> − 1 (C-9) 
This is why the model equations need to be non-dimensionalised in section 3.3. As an 
example, for > = 5 collocation points, the values of the [`[F], [K] and [¶] matrices 
are as below: 
[`[F] =
455
56 1.0 0 0 0 0−8.3 16.0 −12.0 5.3 −1.023.3 −69.3 76.0 −37.3 7.3−26.7 96.0 −128.0 74.7 −16.010.7 −42.7 64.0 −42.7 10.7 899
9:
 
[K] =
455
56−8.3 16.0 −12.0 5.3 −1.0−1.0 −3.3 6.0 −2.0 0.30.3 −2.7 0 2.7 −0.3−0.3 2.0 −6.0 3.3 1.01.0 −5.3 12.0 −16.0 8.3 899
9:
 
[¶] =
455
5646.7 −138.7 152.0 −74.7 14.714.7 −26.7 8.0 5.3 −1.3−1.3 21.3 −40.0 21.3 −1.3−1.3 5.3 8.0 −26.7 14.714.7 −74.7 152.0 −138.7 46.7899
9:
 
(C-10) 
By transforming the derivatives of "$ into the matrix forms in Eq. (C-7) and 
(C-8), the differential equations become linear equations of matrices, once solved, 
yielding the values of dependent variable at the location of the collocation point, thus 
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forming a complete profile of the dependent variable  across the system domain . In 
addition, multiple dependent variables (e.g. N variables) can be stacked within the same 
matrix equations as Eq. (C-2) which can be solved simultaneously: 
455
56 F"|F$ ⋯ h"|F$ ⋯ "|F$⋮ ⋱ ⋮ ⋱ ⋮F2|ç3 ⋯ h2|ç3 ⋯ 2|ç3⋮ ⋱ ⋮ ⋱ ⋮F"|T$ ⋯ h"|T$ ⋯ "|T$89
99
:
=
455
556
1 ⋯ "|F$[F ⋯ "|F$T[F⋮ ⋱ ⋮ ⋱ ⋮1 ⋯ 2|ç3[F ⋯ 2|ç3T[F⋮ ⋱ ⋮ ⋱ ⋮1 ⋯ "|T$[F ⋯ "|T$T[F899
99:
45
55
6 FF ⋯ Fh ⋯ F⋮ ⋱ ⋮ ⋱ ⋮F ⋯ h ⋯ ⋮ ⋱ ⋮ ⋱ ⋮TF ⋯ Th ⋯ T 89
99
:
 
(C-11) 
[] = [`] ∙ []          [`]ç = 2|ç3[F (C-12) 
where there are N dependent variables of  and N sets of constants of , forming the 
matrices of [] and [] with a dimension of [> × >]. The same principle works for 
transforming the derivatives of N dependent variables against  into their corresponding 
matrix forms: 
[Q<] = [K] ∙ []          [QQ<] = [¶] ∙ [] (C-13) 
C.2 The principle of orthogonal collocation on finite 
elements 
For system with a steep gradient in "$, the method of orthogonal collocation 
becomes unwieldy because a large number of collocation points is needed to capture the 
rapid change in values. To circumvent this, the method of Orthogonal Collocation on 
Finite Element can be used, where the system domain, , is divided into smaller 
subdomains, called finite elements, and the method of orthogonal collocation applied to 
each of them with the constraints of continuous values of the function and its first 
derivative at the boundaries between the neighbouring elements. For >? finite elements 
each having > collocation points (including the boundary points of the element), the 
total number of collocation points, >, is given by 
> =  >? × "> − 1$ + 1 (C-14) 
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Thus all of the matrices of the dependent variables e.g. O, O' , ' and ', and the 
independent spatial variables have a dimension of [> × 1]. The sharp gradient issue 
can be resolved by placing more elements in the steep region. This ability to vary the 
number of finite elements and collocation points, depending on the sharp gradient of the 
system, is a major advantage of OCFE. 
In order to apply orthogonal collocation to each of the finite elements, a further 
coordinate transformation is needed so that the dimensionless variables of the system 
domain span from 0 at the first node to 1 at the last node within each finite element. The 
new spatial coordinate within each of the >? finite elements is defined as 
â|* = |* − |F*|T* − |F* = |* − |F*∆|*      U|* = ∆|* ∙ Uâ|*          "ë = 1,2 … >      Å = 1,2 … >?$ 
(C-15) 
where  is equivalent to the independent variable of the system,  , used in section 3.3 
and â is the transformed variable to be used by OCFE. The superscript and the 
subscript of â|* refer to the index of the â within corresponding element, i.e. the ëfê 
collocation point within the Åfê finite element, as shown in Figure C.1. The spacing of 
the Åfê finite element, ∆*, is the difference between the dimensionless coordinates of 
the last collocation point within the element, |T* , and that of the first one, |F*. The 
spacing can be reduced if there is a significant sharp gradient within the ODE system, 
and increased if the sharp gradient is low. In effect for a chosen number of finite 
elements, this method puts more elements to regions with sharp gradient and less 
elements to regions with low gradient. 
 
Figure C.1. Showing the system domain divided into 5 finite elements each of which has 5 
collocation points. The superscript indicates the finite element and the subscript the collocation 
point.  
 
The application of OCFE means that the transformation of the dependent 
variables and their derivatives into matrix forms need to be conducted for every finite 
element following the pattern shown in Eq. (C-11) to (C-13). After merging the 
neighboring boundary points between 2 finite elements, the dimension of the stacked 
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matrix of the dependent variables expands from [> × >] for a single element to [> × >] for >? elements. As defined earlier, the parameter > is the total number of 
dependent variables stacked together. The matrices are stacked together as follow: 
455
56 []|*F⋮[]|*⋮[]|*Ý89
99: = 455
56[`]|*F ⋯ 0 ⋯ 0⋮ ⋱ ⋮ ⋱ ⋮0 ⋯ [`]|* ⋯ 0⋮ ⋱ ⋮ ⋱ ⋮0 ⋯ 0 ⋯ [`]|*Ý899
9: ∙
455
56 []|*F⋮[]|*⋮[]|*Ý899
9:
 
455
56 [Q<]|*F⋮[Q<]|*⋮[Q<]|*Ý89
99: = 455
56[K]|*F ⋯ 0 ⋯ 0⋮ ⋱ ⋮ ⋱ ⋮0 ⋯ [K]|* ⋯ 0⋮ ⋱ ⋮ ⋱ ⋮0 ⋯ 0 ⋯ [K]|*Ý899
9: ∙
455
56 []|*F⋮[]|*⋮[]|*Ý89
99: 
455
56 [QQ<]|*F⋮[QQ<]|*⋮[QQ<]|*Ý89
99:
=
455
56[¶]|*F ⋯ 0 ⋯ 0⋮ ⋱ ⋮ ⋱ ⋮0 ⋯ [¶]|* ⋯ 0⋮ ⋱ ⋮ ⋱ ⋮0 ⋯ 0 ⋯ [¶]|*Ý899
9: ∙
455
56 []|*F⋮[]|*⋮[]|*Ý89
99: 
(C-16) 
C.3 Boundary conditions and continuity constraints 
Before solving the system, some further adjustments of the above equations are 
needed to include the boundary conditions of the ODEs and the continuity constraints at 
the boundaries between two neighboring finite elements. In order to add the boundary 
conditions, the matrix equations need to satisfy the boundary conditions at â|FF and â|TÝ. This means replacing the first and last rows of matrix elements with the boundary 
conditions, which usually are Dirichlet (fixed values at the boundary), Neumann (fixed 
derivatives at the boundary) or Cauchy (fixed value and derivatives at the boundary) 
type conditions; an example will be given shortly in this section. 
Continuity constraints are essential when merging the two boundary nodes 
between neighbouring elements during stacking of matrix equations, where the value 
and gradient of the dependent variables at the last node of the Åfê element must equal to 
those at the first node of the "Å + 1$fê element. Thus 
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|T* = |F*=F           UU·T* = UU·F*=F (C-17) 
Using Eq. (C-7) and (C-15), 
|T* = |F*=F           1∆|* [K]çT,TF |* = 1∆|*=F [K]çF,
T
F |*=F (C-18) 
Once all the derivatives of the dependent variables within the system of ODEs 
have been substituted by their corresponding matrix equations, the model system can be 
simplified into a linear matrix equation in the form 
[<] ∙ [<] = [="<$] (C-19) 
where [<] is the linear combination of the [K], [¶] and other matrices for higher order 
derivatives of the dependent variables, [<] is the matrix containing all dependent 
variables across all collocation points and [="<$] is the residual matrix containing non-
linear function of <.  
The approximate forms of the matrices [<] and [=] are shown in Figure C.2, 
which shows how the solution proceeds for 1 dependent variable using 5 finite 
elements, each having 5 collocation points, thus giving a total number of 21 collocation 
points. A Neumann boundary condition specified at the first row means a fixed U U⁄  
at  = 0, which represents a commonly used boundary conditions at the centre of a 
spherical particle (e.g. zero gradient of concentration, pressure and temperature). A 
Dirichlet (fixed values at the boundary) specified at the last row means a fixed value of  at  = 1, which is also a common form of boundary conditions at the surface of a 
spherical particle (e.g. concentration, pressure and temperature are the same as the bulk 
condition). The form of the continuous constraints in Figure C.2 is a result of the Eq. 
(C-18), where the value continuity means two neighbouring finite elements share the 
same boundary node marked by the square boxes and the gradient continuity leads to 
zero cell values in the corresponding [=] matrix. 
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Figure C.2. The schematic form of the matrices [<] and [=] for >? = 5, > = 5 and > =21, where the boundary conditions and the continuity constraints are highlighted. The empty 
space means a zero value of the matrix cell and the boundary nodes between two finite elements 
are marked by the square boxes.  
A simple example of solving a non-linear, non-homogenous 2nd order ODE is 
shown here to demonstrate the application of the method: 
U&U& + 3 UU + 2 = &           = 0: UU = 0           = 1:  = 1 (C-20) 
Transforming the derivatives into their matrix forms,  
[¶] ∙ [] − 3[K] ∙ [] − 2[] = [&]  
"[¶] − 3[K] − [2]$>?????@?????A[E] ∙ []B[C] = [&]>@A[D]  
 = 0: UU = 0 ⇒ [K]çF,TF |* = 0           = 1:  = 1 ⇒ |TÝ = 1 
(C-21) 
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With the help of an established algorithm such as Gaussian elimination or LU 
decomposition, the solution of the equations can be solved iteratively by inverting the 
matrices based on the results of the previous iteration: 
[<f] = [<[F] ∙ [="<f[F$] (C-22) 
An initial guess of the solution is needed to start the iteration.  
C.4 Adaptive meshing algorithm for the finite elements 
The adjustment of the spacing of the finite elements can be linked to the 
appropriate output from the iterative calculation so that it can be updated after each 
iteration, thus becoming adaptive. Since the distribution of gas concentration is the most 
direct indication of the gradient of the system, the result of its calculation after each 
iteration is used to calculate the spacing of all NE finite elements. Assume the spacing 
of the finite element for current iteration, "∆|*$f, is a fraction of the largest element ∆. Here the fraction is an exponentially decay function of the ratio between the 
gradient of the current element, |"UO U∆|*⁄ $|f[∆f, and the maximum gradient of the 
finite element across the whole domain. 
"∆|*$f = ∆exp å−αC · UOU∆|*·f[∆fmax ¡· UOU∆|*·f[∆f¢æ 
(C-23) 
When the gradient of the current element is zero, e.g. a flat concentration profile, the 
element space is simply ∆. However, when the gradient of the current element 
corresponds to the largest gradient across the entire domain, the element spacing will be ∆exp"−αC$, which is also the smallest element spacing. The parameter αC is an input 
value which can take any positive value. The value of ∆ can be calculated from 
summing up all finite elements to 1, hence  
"∆|*$fÝ*F = ∆  exp å−αC
· UOU∆|*·f[∆fmax ¡· UOU∆|*·f[∆f¢æ
Ý
*F = 1 
(C-24) 
Substitute ∆ back into Eq. (C-23), 
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"∆|*$f
= exp å−αC · UOU∆|*·f[∆fmax ¡· UOU∆|*·f[∆f¢æ  exp å−αC
· UOU∆|*·f[∆fmax ¡· UOU∆|*·f[∆f¢æ
Ý
*FF  
(C-25) 
This single factor algorithm is very robust in adjusting the element distribution and easy 
to implement within the OCFE structure. The initial spacing of the finite elements is 
uniform, then as calculation proceeds the element spacing changes to adapt to the results 
of the iterations. The estimated computation cost can be reduced by 50 – 100% when 
solving for some extremely stiff system. Figure C.3 shows an example of the 
distributions of the finite element across the particle radius at different iteration stage 
using the adaptive meshing algorithm and their corresponding concentration profiles. 
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Figure C.3 The spacing of finite elements at different iteration stage using the adaptive meshing 
algorithm with 15 elements each having 7 collocation points and α is 1. Note that only 6 
collocation points can be seen in the figure as the boundary points between two neighbouring 
elements are merged. 
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Appendix D: Deconvolution of experimental 
measurements 
 
Figure D.1 Model for the deconvolution of the gas concentration in the sampling line and the 
gas analyser approximated to a PFR with a mean residence time of 9D in series with two CSTRs 
with a mixing time EF and E& respectively. The true concentration is  and the measured 
concentration is F. 
When gases are sampled from the fluidised bed reactor, they must be transported 
through a sampling line and into the gas analyser. During an experiment, the mixing 
within the sampling line and the analyser, could result in a difference between the 
measured value of concentration and that of the true concentration of gas in the reactor. 
Here the sampling line and the analyser are modelled as two continuous stirred tank 
reactors (CSTR) in series with a plug flow reactor (PFR). Figure D.1 shows the model 
simulating the mixing effect in the sampling line and the analyser, where "9$ is the 
true mole fraction and F"9$ is the measured mole fraction. The relationship between "9$ and F"9$ is as follow: 
"9$H"9 − 9D$ = "EFE&$ U&F"9$U9& + "EF + E&$ UF"9$U9 + F"9$ (D-1) 
where H"9 − 9D$ is a Heaviside function, 9D is the dead time of the PFR, EF is the 
mean residence time of CSTR1 and E& is the mean residence time of CSTR2. When 
there is a unit impulse change to the "9$, the impulse response of F"9$ is given by 
F"9$ = exp − 9 − 9DEF  − exp "− 9 − 9DE& $EF − E& H"9 − 9D$ (D-2) 
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When E& = 0, Eqs. (D-1) and (D-2) describe a single CSTR in series with a PFR, 
which was used in some previous works (Scott, 2004; Saucedo, 2014; Saucedo et al., 
2015). 
When determining the parameters of the deconvolution model, i.e. 9D, EF and E&, one of the gases will be selected to conduct the measurement of the step response, 
which could then produce the impulse response by numerical differentiation. After the 
concentration measured by the analyser stabilised, the recording of the concentration 
response started at the same time when the flow of the select gas was turned off. The 
concentration of the gas was measured continuously until it reached the steady state. 
Figure D.2 shows an example of the step and the inverted impulse response signals 
measured, where the dead time 9D, can be conveniently estimated from the delay in the 
response signals. The mean residence time constants EF and E& were determined by 
fitting the Eq. (D-2) to the impulse response signal after it started to raise. The values of 
the EF and E& shown in Figure D.2(b) are very close to each other, which are in fact 
the same when kept to only 1 decimal place. However, it does not mean the Eq. (D-2) 
should be zero. Using Taylor expansion, Eq. (D-2) becomes 
F"9$ = ¤ 9 − 9DEFE& + "EF + E&$2 "9 − 9D$& + O""9 − 9D$®$¥H"9 − 9D$ (D-3) 
Hence, even when there is a very small difference between EF and E&, Eq. (D-2) is 
not zero. 
The two CSTRs in series with a PFR model fit much better to both the step and 
the impulse responses compared to the single CSTR in series with a PFR model in 
Figure D.2. Thus it would give a more realistic results for the deconvolution process. 
However, the two CSTRs in series with a PFR model is 2nd order system which will 
yield oscillatory results for the deconvolution process if the measurement is too noisy. 
Hence in practise, the raw concentration measurements needed to be smoothed before 
deconvolution. Occasionally, the single CSTR in series with a PFR model was used for 
the deconvolution process when the two CSTRs in series with a PFR model failed to 
produce a reliable result. 
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Figure D.2 The fit of the deconvolution model to the step and the impulse response 
measurements for fluidised bed. For 2 CSTR in series with a PFR, 9D =  5.7 s and EF = E& =1.5 s; for 1 CSTR in series with a PFR, 9D =  6.7 s and EF = 2.4 s. 
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Appendix E: Calculation of the effectiveness 
factor for gasification 
Roberts & Satterfield (1965) obtained effectiveness factors for rates of reactions 
written in the form: 
` = (
1 + \
 + \
                ( = P(Fm. × !"#$ (E-1) 
where \ = ([F (&⁄  and \ = (F (&⁄  were the adsorption constants. The 
effectiveness factor is calculated from 
z.ZZ = tanh ¡∗∗ ¢               ∗ = EM  
 =  1 − 0.4457e&∗exp2−0.1153∗&3               e = \
  
(E-2) 
E = ² ('cQ;; 
.£                M = ¡1 + ee ¢ 2"e − ln"1 + e$$ (E-3) 
Here, ² =  3⁄  is the characteristic dimension, (' and Q;;  are given by 
(' = (â                â = 1 + Q;;Q;;  
 \p + \
  (E-4) 
Q;; = Q ε + "1 − #$lO&  (E-5) 
Di is binary diffusion coefficient of CO or CO2 in nitrogen. The parameter K is defined 
as  
\ = \ − 
Q;;Q;;  \pâ  (E-6) 
The parameter p = 2 is the stoichiometric value of CO in the gasification reaction. 
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